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"Order, proportions, harmony delight us;
painting and music are samples of these:

God is all order;
he always keeps truth of proportions,

he makes universal harmony;
all beauty is an e�usion of his rays."

G. W. Leibniz (Theodicy)



ABSTRACT

JARDIM, S.S.Q.. Tri-reforming of natural gas rich in CO2: equilibrium analysis and reactor
technology evaluation. Universidade de São Paulo, 2019.

The tri-reforming of methane was studied for converting natural gas, rich in CO2, into
syngas suitable for the industry. The reaction was evaluated at typical industrial pressure by
performance indicators, such as carbon dioxide conversion, syngas yield, syngas ratio, and
coke production. Three possible reactor con�gurations were investigated and compared,
seeking industrial applicability and good performance, encompassing the membrane, au-
tothermal and heated reactors. The study employed two approaches: (i) analysis of reaction
equilibrium and (ii) simulation of �rst-principle reactor models. The tri-reforming equilib-
rium was analyzed varying the chemical composition and temperature at 25 bar, either in
adiabatic or isothermal conditions. In turn, the reactor simulations evaluated the behavior
of each speci�c con�guration and compared their performance, addressing issues such as
coke deposition and temperature pro�le. The equilibrium data showed the need for high
concentration of oxygen in the feed to drive the adiabatic reaction, around 50% of O2/CH4

in molar proportion, thus, demanding a special reactor to manage the temperature. The
adiabatic data also revealed a trade-o� between carbon-dioxide conversion and syngas ratio.
However, when the reaction temperature was maintained by an external heat source, the
trade-o� disappears and performance is enhanced. Concerning the reactor simulations, the
results indicated that membrane reactors (for oxygen distribution) for tri-reforming are
unsuitable for the industry due to problems with coke deposition. In addition, the reactor
comparison showed an outperformance of the heated over the autothermal reactor. It had
superior syngas yield and carbon dioxide conversion in the two cases tested. However, when
the furnace emission of CO2 was accounted, the overall conversion of the heated reactor
was inferior to the autothermal one. Up to 52% of carbon dioxide conversion was attained
by tri-reforming as well as 83% of syngas yield. In summary, the results from the equilib-
rium data and reactor simulations endorsed the expectations concerning the applicability
of tri-reforming to convert syngas from resources concentrated in CO2, with the caveat
concerning temperature and solid carbon deposition.

Keywords: Tri-reforming of methane. Carbon dioxide conversion. Tri-reforming reactors.



RESUMO

JARDIM, S.S.Q.. Tri-reforming of natural gas rich in CO2: equilibrium analysis and reactor
technology evaluation. Universidade de São Paulo, 2019.

A tri-reforma do metano foi estudada visando a conversão de gás natural concentrado em
CO2 em gás de síntese (syngas) para aplicação industrial. A reação foi avaliada a típicas
pressões industriais por indicadores de performance, como conversão de dióxido de carbono,
rendimento, razão de gás de síntese e produção de coque. Três possíveis con�gurações de
reatores foram investigadas e comparadas, buscando aplicação industrial e boa performance,
abrangendo o reator de membrana, o reator autotérmico e o reator aquecido. O estudo
abordou o tema em duas frentes: (i) análise de equilíbrio da reação e (ii) simulação de
modelos fenomenológicos dos reatores . O equilíbrio da tri-reforma foi analisado variando-se
a composição química e a temperatura a 25 bar, seja em condições adiabáticas ou isotérmicas.
As simulações dos reatores avaliaram o comportamento especí�co de cada con�guração,
assim como compararam a sua performance, a deposição de coque e o per�l de temperatura.
Os dados do equilíbrio mostraram a necessidade de uma grande concentração de oxigênio
na alimentação para sustentar a reação adiabática, cerca de 50% molar em relação ao metano.
Portanto, fez-se necessário a utilização de reatores especiais para controlar a temperatura. Os
dados de equilíbrio também revelaram um trade-o� entre a conversão de dióxido de carbono
e a razão de syngas. Entretanto, quando a temperatura foi sustentada por uma fonte externa
de calor, tal trade-o� desapareceu e a performance foi melhorada. Em relação às simulações
dos reatores, os resultados indicaram que a con�guração de reator de membrana (para
distribuição de oxigênio) é inadequada para aplicação industrial, devido a problemas com a
formação de coque. Comparando-se os reatores, o reator aquecido superou o autotérmico
em desempenho, considerando os dois casos operacionais testados, tanto na conversão
de dióxido de carbono quanto no rendimento de syngas. Contudo, quando a emissão de
CO2 no forno é contabilizada, a conversão total do reator aquecido foi menor do que a
do autotérmico. Conversão de até 52% de CO2 foi obtida pelo tri-reformador, bem como
83% de rendimento do gás de síntese. Os resultados obtidos por equilíbrio e simulações
endossaram a expectativa em relação a aplicabilidade da tri-reforma para converter gás natural
de fontes ricas em CO2, com ressalvas em relação à temperatura e ao depósito de coque.

Keywords: Tri-reforma do metano. Conversão de dióxido de carbono. Reatores de tri-
reforma.
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1 INTRODUCTION

1.1 INTRODUCTION

Natural Gas is a hydrocarbon mixture mainly composed of methane and is used as an energy
source or as raw material for the industry. It is the third most consumed energy source in
the world and it is expected to surpass coal as the second after 2030 (5, 6). It emits less
greenhouse gases when burnt, it is cleaner than other fossil fuels such as oil and coal and is
largely available (7). Natural gas is also used as raw material to obtain valuable industrial
products, such as synthetic oil, methanol, hydrogen, and ammonia.

However, some resources provide natural gas of low quality, largely composed of contam-
inants which restrain its commercialization in the fuel and industrial markets. Carbon
dioxide, one of the undesirable components, lowers the calori�c power of NG and demands
expensive separation units prior to commercialization or industrial employment. Natural
gas from biodigesters, for instance, are often composed of 50% in volume of carbon dioxide.
In Brazilian exploration sites, the CO2 composition varies from 8 and 18%, and, in some
cases, up to 79% (8) but ANP restricts to 3% the carbon dioxide composition in commercial
NG. In addition, the Brazilian NG is usually associated with oil sites (77% of production in
2017), which means that it is often a by-product in exploration. When not commercialized,
it is �ared, re-injected in the well or even vented. For instance, in 2017, more than 25% of
the explored NG was re-injected in the �elds and ca. 3% was vented or �ared (9).

Natural gas is important for energy and chemical industries but contamination by carbon
dioxide makes commercialization di�cult, particularly when the market is incipient, as in
Brazil. Therefore, the production cost and waste would substantially decrease if technologies
that use NG rich in CO2 were applied without previous separation.

In this scenario, the tri-reforming of methane (TRM) emerges. It is a synergistic combination
of reactions that convert both methane and carbon dioxide into synthesis gas (syngas, a
mixture of H2 and CO), which is the conventional intermediate to the production of
methanol, synthetic oil and dimethyl ether (DME). There are reported conversions of CO2

and CH4 up to 80 % and 95% in catalytic experiments (4), respectively. TRM combines the
reforming reactions of methane ( reactions 1.1), steam (SMR) and dry reforming (DMR) and
catalytic combustion of methane (CCM). The association of endothermic and exothermic
reactions enables adiabatic operation, which reduces the reactor size. Furthermore, it may
produce syngas ratio in the range of 1.0 - 2.5, suitable for GTL (Gas-To-Liquid) plants.
Compared to steam and dry reforming, TRM is less prone to coke formation because water
and oxygen are both carbon oxidants. Therefore, not only is TRM a promising reaction to
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produce syngas for GTL, but also to abate CO2 from NG.

SMR : CH4 (g) +H2O (g)
Ni cat−−−⇀↽−−− 3H2 (g) + 1 CO (g) ∆H° = 206.3 kJ/mol (1.1a)

DMR : CH4 (g) + CO2 (g)
Ni cat−−−⇀↽−−− 2H2 (g) + 2 CO (g) ∆H° = 247.3 kJ/mol (1.1b)

CCM : CH4 (g) + 2O2 (g)
Ni cat−−−→ 2H2O (g) + 1 CO2 (g) ∆H° = −891 kJ/mol (1.1c)

However, TRM is a recent technology that still does not have reported employment in
the industry. Since its �rst proposal by Song and Pan(4), many researchers have developed
catalysts and studied possible reactors. It is still a topic for exploration. TRM was analyzed
accessing reaction equilibrium data, particularly at atmospheric pressure. However, TRM
is expected to reduce its performance at elevated pressure. Thus, if a typical pressure of
industrial reformers (20 - 30 bar) is applied, how would TRM behave? Furthermore, how
would the di�erence between an adiabatic and a non-adiabatic operation be?

Another concern is about reactors. Since TRM combines strong endothermic with fast
exothermic reaction, reactor design and operation are challenging. Simulations of adiabatic
packed-bed reactors have revealed the presence of dangerous hot spots that make it unsuitable
for industrial applications. As an alternative, a membrane reactor was proposed by the
scienti�c literature to control the exothermic reaction rate by a slow oxygen distribution.
However, aspects of carbon dioxide conversion, coke deposition and oxygen partition were
not evaluated. Reactor con�gurations other than adiabatic packed-bed reactors also need to
be accounted for, such as the steam and autothermal reformers.

In this sense, the present study explores some of the gaps presented in the scienti�c literature.
It analyzes TRM under conventional industrial pressure, investigating and comparing
possible reactors by a �rst-principle approach. It is divided into three main parts: (i) Review,
(ii) Methods and Models and (iii) Results and Discussions. The �rst part provides a concise
review of TRM reactions and membranes for oxygen distribution. It also discusses the state
of the art in modeling and simulation. The second part describes the methods and models
employed. Finally, the last part discusses the results of simulations in reaction equilibrium
and reactors for TRM.

1.2 OBJECTIVES

The main objective is to explore the applicability of tri-reforming of CO2-rich natural gas at
industrial conditions. The speci�c objectives are:

I. Evaluating the in�uence of operational conditions on TRM at usual industrial pres-
sure of reformers, concerning



Chapter 1. Introduction 18

i. CO2 conversion,

ii. syngas yield and composition,

iii. coke yield;

II. Investigating and comparing three con�gurations of reactors, seeking

i. the best conversion of NG feed rich in CO2,

ii. best productivity.



Part I

Review
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2 BACKGROUND

This chapter provides background information about tri-reforming of methane and the
conventional reforming reactors, before a deeper analysis of the equilibrium data. The
�rst section overviews reactions, catalysts, and mechanisms of tri-reforming. The second
section concisely describes two conventional reactors for methane reforming, steam, and
autothermal reformer. The last section deals with a membrane for oxygen distribution. Two
types of membrane are discussed, the dense and the porous ceramic. The porous ceramic
will be applied to the membrane reactor model to permeate oxygen into the catalytic bed.

2.1 TRI-REFORMING OF METHANE

2.1.1 Reactions

Before studying TRM by equilibrium data, it is worth mentioning important reactions that
occur simultaneously in the catalytic bed (equations 2.1).

SMR : CH4 (g) +H2O (g)
Ni cat−−−⇀↽−−− 3H2 (g) + 1 CO (g) ∆H° = 206.3 kJ/mol (2.1a)

DMR : CH4 (g) + CO2 (g)
Ni cat−−−⇀↽−−− 2H2 (g) + 2 CO (g) ∆H° = 247.3 kJ/mol (2.1b)

POM : CH4 (g) + 0.5O2 (g)
Ni cat−−−→ 2H2 (g) + 1 CO (g) ∆H° = −35.6 kJ/mol (2.1c)

CCM : CH4 (g) + 2O2 (g)
Ni cat−−−→ 2H2O (g) + 1 CO2 (g) ∆H° = −891 kJ/mol (2.1d)

WGS : H2O(g) + CO (g)
Ni cat−−−⇀↽−−− H2 (g) + CO2 (g) ∆H° = −41 kJ/mol (2.1e)

MD : CH4 (g)
Ni cat−−−⇀↽−−− 2H2 (g) + C (s) ∆H° = 74.6 kJ/mol (2.1f )

BR : 2 CO (g)
Ni cat−−−⇀↽−−− CO2 (g) + C (s) ∆H° = −172.4 kJ/mol (2.1g)

Water Gas Shift (WGS) reaction (reaction 2.1e ), for example, is responsible for adjusting
the syngas composition (syngas ratio). Processes that require high hydrogen concentration,
as ammonia plants often employ speci�c WGS reactors to convert the syngas CO into H2

and CO2. Another important reaction is the Catalytic Combustion of Methane (reaction
2.1d ), which is supposed to occur rather than direct partial oxidation (POM). The observed
POM (reaction 2.1c) would be, according to this hypothesis, the indirect result of CCM
followed by SMR and DMR (reactions 2.1a and 2.1b). Methane Decomposition (MD) and
Bourdouard Reaction (BR), in turn, are crucial to reactors (reactions 2.1f and 2.1g) because
they produce the solid carbon that deposits on the catalyst surface, deactivating it. As a
result, their suppression is crucial for long term operations.

A common characteristic of reforming reactions is their severe operational temperature.
They are carried out at temperatures above 700 °C, which require special material structures,
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such as refractory chambers and special metal alloys. The requirement for high temperature
can be explained by Figure 1. The reforming reactions, SMR and DMR, become spontaneous
only at temperatures higher than 600°C. Not only they require high temperatures to operate
but also require substantial heat supply due to their endothermicity.

1 0 0 2 0 0 3 0 0 4 0 0 5 0 0 6 0 0 7 0 0 8 0 0 9 0 0 1 0 0 0
- 3 0 0

- 2 0 0

- 1 0 0

0
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Figure 1 – Variation of ∆Gof TRM reaction as a function of temperature in the form of an Ellingham
- type diagram.

Source: The author’s.

2.1.2 Catalysts

The transitional metals Ni, Pd, Pt, Ir, Rh catalyze reforming reactions, including tri-reforming.
Noble metals have higher activity and are stabler but their elevated cost hinders industrial
application. Nickel, instead, is much cheaper and widely used in reformers, albeit less active
and more susceptible to coke deposition. In conventional steam reformers, Nickel supported
on Al2O3 catalysts are commonly employed, o�ering continuous operation over 5 years (>
50,000 h) (10). In autothermal reformers, which subject catalysts to higher temperature
and pressure, Ni supported in a magnesia-alumina has shown high stability and activity (11).
Song and Pan(4) demonstrated that Ni/MgO, Ni/MgO/CeZrO and Ni/Al2O3 catalysts
are active and selective for TRM. New catalysts and promoters for TRM are in an active
�eld of research, which seeks improvements in activity, selectivity and coke suppression. A
collection of them can be found in the review by Amin et al.(12).

2.1.3 Mechanism

Tri-reforming of methane does not have a detailed mechanistic study yet. However, mech-
anisms for DMR and SMR can serve as a guide to understand how reforming reactions
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Figure 2 – Reforming mechanism on metal surface.

Source: (13).

occur. In this brief overview, the mechanism proposed by Wei and Iglesia(13) is described,
despite many others being available in the scienti�c literature.

CH4 + 2 ∗ → CH∗3 +H∗ (2.2a)
CH∗3 + ∗ → CH∗2 +H∗ (2.2b)
CH∗2 + ∗ → CH∗ +H∗ (2.2c)
CH∗ + ∗ → C∗ +H∗ (2.2d)
CO2 + 2∗
 CO∗ +O∗ (2.2e)
C∗ +O∗ 
 CO∗ + ∗ (2.2f )

CO∗ 
 CO + ∗ (2.2g)
H∗ +H∗ 
 H∗2 + ∗ (2.2h)

H∗2 
 H2 + ∗ (2.2i)
H∗ +O∗ 
 OH∗ + ∗ (2.2j)

OH∗ +H∗ 
 H2O
∗ + ∗ (2.2k)

H2O
∗ 
 H2O + ∗ (2.2l)

The mechanism of SMR and DMR can be divided into three main steps: (i) reactants
adsorption, (ii) surface reaction and (iii) desorption, as shown in Figure2 and Equations
2.2, where * is the reactive site and N∗ is the adsorbed chemical component. Methane is
chemically adsorbed by two vacant sites on the metallic surface, resulting in a transition state
(H3C

∗ − H∗). The hydrogen-carbon bond is broken and the �rst hydrogen is abstracted
from methane (reaction 2.2a). This step is suggested to be the slowest and the determinant
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in the overall reaction. The sequential hydrogen extractions occur faster until elemental
carbon is formed (reactions 2.2a - 2.2d). However, adsorbed oxygen, derived from water
and carbon dioxide (reactions 2.2e and 2.2j), reacts with carbon (reaction 2.2f), resulting in
CO, which further desorbs. Conversely, the adsorbed hydrogens, from water and methane,
react with each other, forming the hydrogen molecule. Most elementary steps are fast and
near to equilibrium, except the �rst hydrogen abstraction (reaction 2.2a) and the carbon
monoxide formation (reaction 2.2f).

In POM, three di�erent mechanisms may occur depending upon the coverage of catalytic
sites, according to Chin and Iglesia(14). For small oxygen coverage, the mechanism is similar
to the SMR and DMR; methane decomposition is followed by the oxidation reactions.
However, when the oxygen coverage is substantial, new intermediate species may appear,
such as CH∗3 and OH∗ or CH3O and OH∗.

2.1.4 Reaction Kinetics

Despite many kinetic models for SMR and DMR, there is not a complete set of validated
kinetic equations for TRM, despite e�orts in the literature (4, 15). Since the reaction system
can be described by at least three independent reactions, a set composed of well-known
equations for SMR and CCM is often used for TRM and POM reactions (16, 17, 18, 19).
The same strategy is adopted here, using the kinetic rates of Xu and Froment(2) and Trimm
and Lam(3).

Xu and Froment developed intrinsic kinetics for SMR in 1989, which is well validated and
widely used in the literature. The experiments were conducted at a pressure range of 3 - 15
bar and temperature of 573 to 848 K with Ni/MgAl2O3 catalyst pellet (0.18-0.25 mm).
The reactions rates for SMR (r1), SMR2 (r2) and WGS (r3) are shown in Table 1 and the
adsorption and kinetic parameters in Tables 2 and 3.

Trimm and Lam performed a kinetic study for the Catalytic Combustion of Methane on a
Pt/Al2O3–based catalyst (3), in the temperature range of 773 to 873 K. To apply them in
Ni-based catalyst, the adsorption parameters must be adapted. The kinetic parameters and
reaction rates for CCM are in Tables 2 and 3.

Using a set composed of di�erent kinetics to model TRM has some drawbacks. Some
adsorption factors are absent. For example, SMR kinetics does not consider the adsorption
of oxygen or carbon dioxide and CCM lacks the adsorption terms of other components
besides methane and oxygen. Moreover, the experiments were done in di�erent conditions.
The SMR rates present partial pressure of hydrogen in the denominator, which constrains
the feed to have at least small concentration to avoid in�nity rates. In practice, hydrogen
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Table 1 – Reaction rates used for TRM. Reactions SMR, SMR2, WGS are derived from (2) and
CCM from (3).

Reaction Rate

CH4 (g) +H2O (g)
Ni cat−−−⇀↽−−− 3H2 (g) + 1 CO (g) rSMR1 =

k1
P 2.5
H2

(
PCH4PH2O −

P 3
H2
PCO

K1

)
· 1

α2

CH4 (g) + 2H2O (g)
Ni cat−−−⇀↽−−− 4H2 (g) + 1 CO2 (g) rSMR2 =

k2
P 3.5
H2

(
PCH4P

2
H2O
−
P 4
H2
PCO2

K2

)
· 1

α2

H2O(g) + CO (g)
Ni cat−−−⇀↽−−− H2 (g) + CO2 (g) rWGS =

k3
PH2

(
PCOPH2O −

PH2PCO2

K3

)
· 1

α2

where α = 1 +KCOPCO +KH2PH2 +KCH4PCH4 +KH2O
PH2O

PH2

CH4 (g) + 2O2 (g)
Ni cat−−−→ 2H2O (g) + 1 CO2 (g) rCCM =

k1aPCH4PO2

(1 +KCH4PCH4 +KO2PO2)
2

+
k1aPCH4PO2

1 +KCH4PCH4 +KO2PO2

is always present because feed is often partially composed of a recycling stream. Also note
that the SMR2 is a linear combination of the SMR and WGS, although the SMR could
be described only by two reactions. Concerning errors in the adaptation of Pt to Ni-based
catalysts for CCM, they are not expected to signi�cantly a�ect the predictions because the
combustion is extremely fast compared to other rates.

Table 2 – Kinetic parameters of TRM derived from (2) and (3).

Reaction rate Equilibrium constant, Kj k (mol/kgcat s) E (kJ/mol)

SMR1 KI = exp

(
−26, 830

T

)
+ 30.114 bar2 1.17e+15 bar0.5 240.10

SMR 2 KII = KI ·KIII bar2 2.83e+14 bar0.5 243.90
WGS KIII = exp

(
4, 400

T
− 4.036

)
bar2 5.43e+05 bar−1 67.13

CCM a: 8.11e+15 bar−2 86.00
b: 6.82e+15 bar−2 86.00

Source: (2, 3).

Table 3 – Van’t Ho� parameters for specie absorption for the kinetics of TRM.

Components Ka,i (bar−1) ∆ Hi (kJ/mol)
CH4 6.65e-04 -38.28
CO 8.23e-05 -70.65
H2 6.12e-09 -82.9
H2O 1.77e+05 88.68
CH4 (combustion) 1.26e-01 -27.3
O2 (combustion) 7.78e-07 -92.8
K = Ka,i · exp

(
−∆H

RT

)
Source: (2, 3, 17).

Di�usion resistance in catalyst porous is severe in reformers. Xu and Froment(20) calculated
the e�ectiveness factor for the three reaction rates in a conventional catalyst pellet. The
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intrinsic reaction rates were reduced by almost 100 times (η ∼ 1E− 02) due to intra-particle
di�usion. Even though some authors ignored intra-particle resistance, most of them obtained
values in the same range as Xu and Froment, as shown by Pantoleontos, Kikkinides and
Georgiadis(21). For catalytic partial oxidation (POM), Groote and Froment(17) suggested
average values for the four reactions: ηSMR1 = 0.07, ηSMR2 = 0.06, ηWGS = 0.7, ηCCM =

0.05 . The e�ectiveness factors were close to Xu and Froment and were used extensively
in POM and TRM simulations (22, 23, 24, 25, 26, 19). For autothermal and secondary
reformer catalysts, even lower e�ective factors were calculated, reducing intrinsic rates by
almost 1000 times (27, 28).

2.2 CONVENTIONAL REFORMERS

In order to evaluate possible con�gurations of TRM reactors, it is important to know how
two of them already operate in the industry. This section brie�y describes the conventional
steam methane reformer and autothermal reformer.

Steam Methane Reformer and Autothermal are well-established technologies for converting
methane into syngas. Conventional steam reformers are composed of a large furnace that
provides heat to packed bed tubes, where the reactions occur. In turn, autothermal reactors
operate adiabatically, comprising two internal sections for reaction, one for homogeneous
and another for catalytic reactions. The operation of the reformer unit is intrinsically de-
pendent on downstream processes. For example, Fischer-Tropsch and Methanol require
the syngas ratio of around 2, but DME and higher alcohols demand the syngas ratio of
around 1. In large scale natural gas conversion plants, up to 60% of the capital investments
are destined to syngas production and cleaning units (29). Therefore, improvements in the
reactor design would result in a large impact on methanol, Ficher-Tropsch and DME plants.

2.2.1 Steam Methane Reformer

Steam reforming of methane is a strongly endothermic reaction that converts steam and
methane to obtain syngas with H2/CO around 3 (reaction 1.1a). The conventional reactor
comprises �xed bed tubes with Ni-based catalyst, heated up by an external furnace. Figure
3 shows a schematic con�guration of the reformer reactor and Figure 4, a typical steam
reformer unit. The reactor operates at pressures above 20 bar and temperature varying
between 500 to 900 °C (10). Feed proportions between 2.5 and 3 of H2O/CH4 are usually
applied because the reforming reactions are prone to deposit coke on the catalyst surface
(10). The reactor is often composed of thermal resistant tubes (Ni alloy), with 15 m in height
and 0.12 m in diameter (30).

Heat transference is crucial to conventional reformers. Energy is transferred to tubes by
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(a) Virtual representation (b) Industrial

Figure 3 – Conventional steam methane reformer

Source: (31, 32)

radiation, burning a mixture of CH4, air, H2, CO2, CO. About 50% of the �ring heat
is e�ectively transferred to reaction (29). As a consequence of the operation severity, the
lifetime of the metallic tube material is very sensitive to the temperature of its wall (33). The
tube temperature restricts operation, limiting wall temperature to 950 °C in the old metals
alloys and up to ca. 1050 °C in the new ones (11).

Figure 4 – Representative process diagram of a conventional SMR unit.

Source: (34)

2.2.2 Autothermal Reformer

Autothermal reforming is a combination of SMR and homogeneous POM. The reactor
is smaller than a conventional steam reformer (Figure 5) and the syngas ratio obtained is
around 2. The adiabatic reactor is composed of two chambers. The refractory chamber is for
the homogeneous partial oxidation of methane and is followed by a catalytic section where
SMR occurs. The important issue in the homogeneous chamber is to produce turbulent
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�ames that mix the reactants and prevent soot. With oxygen feed of O2/ CH4 0.55-0.6,
the temperature can reach 2000 °C in the core �ame and 1100-1400°C in the inlet of the
catalytic section (11). The catalytic bed is composed of Ni on magnesia-alumina spinels and
the reaction is controlled by �lm di�usion. Although an autothermal is much smaller than
a steam reformer, demanding less capital investment, the requirement of an oxygen plant
may reduce the economic advantages. Up to 40% of the costs of an ATR plant is estimated
to relate to the oxygen unit (29).

(a) Virtual representation (b) Industrial

Figure 5 – Conventional autothermal reformer

Source: (35, 36)

2.3 MEMBRANES FOR OXYGEN DISTRIBUTION

Membrane reactors are used to deliver or to withdraw chemical species in the reaction mix-
ture, boosting performance and controlling kinetics. Among many applications, membranes
can improve selectivity, control reaction rates and also shift reaction equilibrium. In this
work, a membrane is used to distribute oxygen to the reaction mixture. Two types of ceramic
membranes accomplish this objective, the dense perovskite membranes (perfect selective)
and porous alumina membranes (high permeable). This section brie�y describes their main
features and discusses which is more suitable for the membrane reactor.

2.3.1 Dense Membranes

Due to its ionic and electronic conductivity, dense perovskite membranes have been studied
for oxygen separation units, solid oxide fuel cells, and membrane reactors. The oxygen
permeation is enhanced at high temperatures, which makes it also suitable for oxidative reac-
tions (exothermic). Air Products, for example, developed oxygen separation units based on
wafer membranes modules and Praxair coupled oxidative process with perovskite membrane
modules (37, 38, 39, 40).
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Figure 6 – Illustrative scheme of oxygen permeation through perovskite membranes (� - oxygen
vacancy, o - lattice oxygen, h-electron hole).

Source: (41)

Perovskites are especially useful for oxygen separation because their lattice structure can
conduct ions and electrons. They are composed of di�erent oxides in an ABO3 structure.
The A- cation site is large (size of 1.10-1.8 Å) and it is often composed of lanthanide, alkaline
or alkaline-earth metals (La and Sr, for instance). The B-site is smaller (0.62-1 Å) and may be
composed of Fe and Co, for example. The perovskite is doped by cations with similar size but
di�erent valences to produce ion vacancies. The oxygen vacancies are more prone to exist
than cation-de�ciencies. Under a chemical potential gradient and su�cient temperature,
oxygen transport occurs by a hopping mechanism (Figure 6), in which it transfers successively
to the near vacant site producing a �ux inside the membrane (41).

Although perovskites are perfect selective to oxygen and operate at high temperatures, they
are susceptible to mechanical and chemical instabilities that hinder their commercialization
and use in reactive systems. Large gradients of temperature or vacancy concentration (gra-
dient of oxygen partial pressure) can cause unbalanced volume expansion; consequently,
mechanical stresses. Additionally, in a strongly reducing atmosphere (syngas in this case),
perovskite can react and change its chemical and lattice structure, consequently, reducing
the permeation rate and generating mechanical stresses. For this reason, many developed
materials failed in experimental tests, such as Ba0.5 Sr0.5 Ca0.8 Fe0.2 O(3−δ) , BaTi0.2 Ca0.5
Fe0.3O(3−δ) (42). E�orts for mechanical and chemical stabilization have been made in the
literature, with the inclusion of compatible inert support, di�erent doping cations, and
assembly of several perovskites. A review of dense membranes for oxygen separation and
technological applications can be found in (41).

Not only should the membrane be mechanically stable, but it must also deliver a mini-
mum amount of oxygen to the process. It was estimated that 3.5 mL/cm2min (2.06e-6
mol/cm2s) was necessary for current technological applications (43, 44). Particularly two
dense membranes were experimented in POM and TRM reactions, LBCF2828 (La0.2 Ba0.8
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Co0.2 Fe0.8 O(3−δ) ) and LSCF6428 (La0.6 Sr0.4 Co0.2 Fe0.8 O(3−δ)) (45, 46). LSCF presented
permeability in the range of 0.05 to 0.23 mL/cm2min and LBCF2828 varied from 0.3
to 0.5 mL/cm2min, below the estimated required values. The LBCF2828 proved to be
resistant in the POM with more than 850 h of operation, delivering moderate �ux. Note
that the mathematical model developed byTsai et al. applies to bulk limited transfer (thick
membranes) and not to surface limited (small thickness) transfer, as used in some papers
(47, 23). In addition, LBCF6428 was also studied for POM and separation (48, 46) but the
�ux was also insu�cient for membrane reactors (below 0.3 mL/cm2min ).

2.3.2 Porous Membranes

Porous membranes can also distribute oxygen, providing higher �ux than dense ceramic at
the lack of selectivity expense. For example, α- alumina porous membrane, which is com-
monly used in liquid micro�ltration and ultra�ltration (0.2-3 µm of mean pore diameter),
can be used as an inert gas distributor in packed bed reactors, particularly in oxidative reac-
tions (49, 50, 51). The α-alumina porous membrane is chemically inert, thermally stable1,
easy to make and commercially available (52, 53). Due to the high gas �uxes, it is generally
modi�ed to conform the permeability and permselectivity required by the reactions (54, 51).
Porous membranes usually have low selectivity because the separation is geometrical rather
than chemical. Depending on the pore size, di�erent �ow regimes can occur, such as Knud-
sen �ow, which may separate components by kinetic size. To provide high �uxes to the
TRM reactor, a macroporous membrane is chosen with laminar �ow. In this regime, the
permeation is non-selective and is driven by a pressure gradient in the membrane, similar to
a porous bed. The major drawback concerning the macroporous membranes as distribu-
tors is the back�ow of reactants towards the retentate side. However, a large pressure drop
across the membrane is often su�cient to prevent the by-pass of reactants and to minimize
back-di�usion.

2.3.3 Considerations

Since dense perovskite membranes presented in the literature su�er from stability problems
and often do not provide enough permeability, it is di�cult to use them in reactors of the
industrial size. The chemical and thermal stability, ease of construction and modi�cation
and, especially, the high permeation �uxes make the porous membrane more applicable
than dense membranes, for the required conditions. Therefore, for the application proposed
here, α-alumina porous membrane is used. However, a separation unit of oxygen would be
necessary to provide pure oxygen to pass through the membrane since the porous membrane
is not selective.

1 Melting point = 2072 °C
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3 LITERATURE REVIEW

Song(55) was the �rst to propose TRM as a useful reaction to convert methane and carbon
dioxide from �ue gases into syngas for the industry. In 2004, Song and Pan, in a more
detailed paper, studied the feasibility of TRM, its catalysts and possible kinetics. They tested
the activity of Ni catalysts in several support materials. In addition, the authors observed a
reduction of carbon deposition due to oxygen and water when compared to DMR. They
obtained methane and carbon dioxide conversions of 95% and 80% at 800-850 °C and 1 atm.
Since then, catalysts, reactors, and processes schemes have been explored. Despite recent
advances, there is no active industrial operation of TRM yet, only a report of a pilot plant
and a demonstration unit in Korea (56).

In this scenario, this chapter reviews the recent advances in Tri-Reforming of Methane. It
encompasses simulations in reaction equilibrium, reactors and process design. Out of scope
are the recent developments in catalysis, kinetics and reaction mechanisms.

3.1 REACTION EQUILIBRIUM

Zhang et al. investigated TRM by a thermodynamic approach (1). They explored conversions,
production of hydrogen and coke, varying feed composition and temperature. The analysis
mainly focused on atmospheric and isothermal conditions. The authors minimized the
total Gibbs energy by the nonstoichiometric approach using the Peng-Robinson equation
of state. They observed that high temperatures and low pressures were bene�cial to TRM.
Indeed, the best conditions occurred at low pressures, temperatures above 850 °C and ratio
lower than 0.5 for CO2: CH4 and H2O: CH4. Maximizing the hydrogen production, they
obtained CO2 conversion of ca. 90%. The optimized molar feed was CH4: CO2: H2O: O2

= 1: 0.291: 0.576: 0.088 at 850 °C and 1 atm.

Challiwala et al. made a similar study, exploring the in�uence of process variables in perfor-
mance at atmospheric pressure and �xed temperature (57). They also evaluated the deviation
of the ideal gas behavior at pressures up to 20 bar and claimed that Peng-Robinson is more
suitable to model the thermodynamic behavior than Redlich-Kwong and Soave-Redlich-
Kwong. In addition, they maximized CO2 conversion, attaining 47.84 % and energy demand
of 180 kJ/mol of CH4 for feed mole ratio of CH4: CO2: H2O: O2 = 1: 1: 0.4: 0.1 at 1 bar
and 750 °C.

In contrast to other approaches, Yan et al.(58) used the equilibrium constant method to
examine two distinct behaviors of TRM, whether in the presence or absence of solid carbon.
The simulations occurred at atmospheric pressure and constant temperature of 676.85 °C.
They concluded that feed of CH4: CO2: H2O: O2 = 1: 0.45: 0.45: 0.31 was su�cient to
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supress coke and to achieve reasonable conversions.

3.2 REACTORS

In 2011, Arab Aboosadi, Jahanmiri and Rahimpour(24) optimized feed conditions of a
packed bed reactor to obtain syngas suitable for methanol plants with maximum hydrogen
production. The proposed reactor comprised 184 metallic tubes with 2 m of length and
0.125 m of diameter, �lled with NiO-Mg/Ce–ZrO2/Al2O3 catalyst. The model consisted in
1D plug-�ow, ideal gas behavior without pressure drop. The kinetics of TRM were derived
from SMR and CCM (2, 3). Due to the absence of industrial data for TRM, they compared
their model results with data from industrial steam reformers. The optimization resulted
in methane conversion of 97.9 % and syngas ratio (H2: CO) of 1.7. The optimum feed
was CH4: CO2: H2O: O2 = 1: 1.31: 2.46: 0.47 at 826.85 °C and 20 bar. Nevertheless, the
simulations showed a dangerous hot spot in the inlet zone, over 1370 °C, probably resulting
in catalyst deactivation.

Khajeh, Arab Aboosadi and Honarvar(59) proposed and optimized a �uidized bed for the
methanol process. The optimized inlet conditions were similar to the packed-bed of Arab
Aboosadi, Jahanmiri and Rahimpour but the outcome was slightly superior. The methane
conversion and syngas ratio were 99.4% and 1.84 for the �uidized bed, against 97.9 % and 1.7
for the packed bed. Although the reactor o�ered better thermal control and lower pressure
drop, it was unable to prevent hot spot. Additionally, the two reactors obtained a small CO2

conversion.

Chein and Hsu investigated a tubular packed bed reactor for TRM at adiabatic conditions
and elevated pressure (20 bar). They fed the reactor with biogas (CO2: CH4 = 0.5), air
and water(60). The authors analyzed the syngas production, methane and carbon dioxide
conversion, varying the feed conditions. Contrasting with other papers, the authors studied
the CO2 conversion and highlighted the requirement of large oxygen concentration to
convert CO2 and CH4. They also noted the trade-o� between CO2 conversion and syngas
ratio but the implications of hot spot and carbon deposition were neglected.

In 2009, KOGAS (Korean Gas Corporation) planned a Dimethyl Ether (DME) plant for
the Asian market (Korea, Japan, China, and India) that would use a tri-reforming unit to
convert natural gas into syngas (56). Pilot tests were divided into three stages: a burner,
pilot plant, and a demonstration unit. The tri-reformer unit consisted basically of a pre-
reformer and a tri-reformer. The TRM was designed similar to an autothermal reformer,
with a chamber for combustion and other for catalytic reforming. The �rst-principle model
employed kinetics for combustion from Smith et al.(61) and for reforming reactions from
Xu and Froment(2) and Trimm and Lam(3). The model was adjusted with pilot plant data
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and the results compared to equilibrium.

To control the thermal behavior and improve performance, Rahimpour, Arab Aboosadi and
Jahanmiri(23) proposed a dual membrane reactor. The reactor con�guration was composed
of two concentric tubes, where the catalytic bed was placed in the annular space and each
membrane in the tubular walls. The outer membrane was made of Pd for H2 removing,
whereas the inner membrane was made of dense perovskite (La0.2Ba0.8Fe0.8CoO3 − δ)
for oxygen injection. While the air stream was �owing in the inner tube, oxygen was con-
tinuously and selectively removed through the perovskite membrane and added into the
catalytic bed. The performance of the dual membrane reactor was compared to the common
packed-bed reactor. The dual membrane reactor achieved higher conversions and hydrogen
production, and prevented the hot spot formation.

3.3 PROCESSES USING TRM

Zhang, Zhang and Benson(62) proposed a DME process that used a TRM unit for syngas
production. The conceptual process consisted in a unit of TRM, DME and puri�cation.
They used thermal power e�uents as the process feed to obtain a syngas ratio of 1 in the
TRM reactor. The DME, at 280 °C and 60 bar, was modeled with a kinetic approach
whereas the TRM was modeled as an equilibrium reactor, operated at 900 °C and 20 bar.
The authors optimized the energy integration and saved 33% of utility cost compared to the
base case.

Zhang et al.(63) analyzed the operational cost of a methanol plant using a TRM fed by a
thermal power e�uents. The TRM reactor operated at 850 °C and 1 atm, modeled as an
equilibrium reactor. Minimizing the utility costs, the economic analysis showed a pro�t of
US$ 33.4 millions/year and US$ 0.9/h for each kilogram of CO2 converted.

Qian et al. also proposed a methanol plant, coupling of a CTM (Coal To Methanol) plant
to an industrial waste of COG (Coke-oven Gas), including a TRM reactor in the process
(64). Modeled as equilibrium reactor, the TRM reactor produced syngas, fed by methane
stream from the COG e�uents and CO2 from coal gasei�cation process. The new proposed
process increased 11.4% in energy e�ciency and 4.3% of carbon utilization compared to the
conventional CTM plant.

Some Fischer-Tropsch processes also included a reactor of TRM for syngas production.
In the process proposed by Damanabi and Bahadori(65), carbon dioxide production was
24.4% lower than the conventional process and its emission were reduced by half, with
an increase of gasoline productivity more than 100%. Graciano, Chachuat and Alves(66)
included a plug �ow TRM reactor in a Fischer-Tropsch plant. The CO2-rich NG stream
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entered in a pre-reformer followed by an adiabatic tubular packed bed reactor operated at 5
bar. They maximized the hydrogen production at a minimum of 25% of CO2 conversion.
The reactor converted 98.7% of methane at feed molar composition of CH4: CO2: H2O:
O2 = 1: 0.625: 0.39: 0.52. A parametric study indicated that feeds around 50% of oxygen
are generally required for adiabatic performance. In addition, it showed a trade-o� between
water in the feed and carbon dioxide conversion. The FT process achieved 54% of carbon
conversion e�ciency, despite the 30% CO2 content in the NG.

3.4 SUMMARY OF THE LITERATURE REVIEW

TRM showed to be an useful reaction to convert methane and carbon dioxide. According to
equilibrium data, TRM has high conversions and yields, generally above 80%. Additionally,
simulations showed that introduction of a TRM unit in several GTL processes implied in
economic savings and carbon dioxide abatement.

However, the literature in reaction equilibrium focused on operations at atmospheric
pressure rather than usual pressure of syngas units. For instance, conventional steam and
autothermal reformers operate with pressures above 20 atm in order to save capital and
operational costs with larger equipment (65). If pressure grows, performance may decline
substantially. For example, Figure 7 shows carbon dioxide conversion and syngas yield as
function of pressure, using the optimized feed of Zhang et al.(1). As pressure increases,
syngas yield and carbon dioxide reduce from 90% to ca. 40% at 30 bar. Therefore, analyzing
equilibrium data only at atmospheric pressure may be misleading.
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Figure 7 – Pressure e�ect on syngas yield and CO2 conversion in isothermal TRM. CH4: CO2:
H2O: O2 = 1: 0.291: 0.576: 0.088 at 850 °C.

Source: Own authorship.

On the other hand, the reactor con�gurations explored in the literature were mainly packed-
bed and �uidized bed, with predominance of the former (Table 4), and all of them were
operated at adiabatic conditions. The conventional tubular packed-bed reactors showed
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harmful hot spots. Additionally, most of the papers despised carbon dioxide conversion and
coke deposition.

Table 4 – Summary of reactor models for TRM in literature.

Authors Con�guration Reference
Arab Aboosadi, Jahanmiri and Rahimpour Packed-bed tube (24)
Khajeh, Arab Aboosadi and Honarvar Fluidized-bed (59)
Farniaei et al. Coupled reactors (22, 16)
Chein and Hsu Packed-bed tube (60)
Rahimpour, Arab Aboosadi and Jahanmiri Dual membrane packed-bed reactor (23)
Farniaei et al. Coupled Membrane Reactor (22)
Cho et al. Autothermal Reactor (56)
Graciano, Chachuat and Alves Packed-bed tube (66)

In this scenario, the present investigation aims to provide broader information on TRM,
completing the gaps currently presented in the scienti�c literature. The performance of
TRM is evaluated, regarding conversions, productivity, CO2 abatement and coke produc-
tion. The equilibrium performance is analyzed in both conditions, adiabatic and isothermal,
at 25 bar. Additionally, three di�erent reactor con�gurations are simulated, analyzed and
compared.



Part II

Methods and Models
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4 METHODS AND MODELS

This chapter describes the models and methods employed in the study of TRM. To represent
the industrial pressure of reformers, all the models �xed the pressure to 25 bar, which is in
the industrial range for syngas units (20-35 bar). In the analysis of reactors, the pressure will
be varied to examine its e�ect on performance. To explore TRM, equilibrium and kinetic
approaches were used, resulting in two groups of models: (i) Reaction Thermodynamic
Equilibrium and (ii) Reactors, as shown in Figure 8.

Figure 8 – Modeling strategy.

Source: The author’s.

Reaction Thermodynamic Equilibrium The purpose of the model is to investigate TRM
at industrial pressure, identifying optimum operational regions, limitations, typical conver-
sions of carbon dioxide and general productivity. The model provides equilibrium composi-
tion and temperature as a function of the feed at adiabatic or at �xed temperatures.

Reactors The goal is to explore the advantages and disadvantages of each reactor con�gu-
ration as well as compare their technical performance to be applied in the industry. Three
reactors models were simulated:

1. Membrane Reactor (MR) The goal is to represent membrane reactors that distribute
oxygen to prevent hot spot. The model provides composition and temperature pro�les
as a function of feed and oxygen permeation �ux.

2. Autothermal Reactor (ATR) The purpose is to resemble the reactor con�gura-
tion of autothermal reformers, the combustion, and catalytic chambers. The model
supplies composition and temperature pro�les in both sections.
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3. Heated Reactor (HR) The objective is to resemble the reactor con�guration of
industrial steam reformer tubes, where heat is supplied to the catalytic packed bed.
The model provides composition and temperature pro�les.

This chapter is organized as follows. Firstly, the performance metrics are de�ned. The second
section describes the methods and models for the analysis of reaction equilibrium. Finally,
the three reactor models are characterized as well as the analytic methods.

4.1 METRICS

In a reactive system covering several variables and parameters, it is useful to concentrate in-
formation into few indicators. They should consider the performance of reactants, products,
and reactions. However, it is necessary to establish �rstly a �xed set of independent reactions.
In the case of TRM, given the seven reactive species, CH4, CO2, H2O, O2, CO, H2 and
C, only four reactions are stoichiometrically independent. Then, the chosen reactions to
represent TRM throughout this study are:

SMR : CH4 (g) +H2O (g)
Ni cat−−−⇀↽−−− 3H2 (g) + 1 CO (g) ∆H° = 206.3 kJ/mol (4.1a)

DMR : CH4 (g) + CO2 (g)
Ni cat−−−⇀↽−−− 2H2 (g) + 2 CO (g) ∆H° = 247.3 kJ/mol (4.1b)

CCM : CH4 (g) + 2O2 (g)
Ni cat−−−→ 2H2O (g) + 1 CO2 (g) ∆H° = −891 kJ/mol (4.1c)

MD : CH4 (g)
Ni cat−−−⇀↽−−− 2H2 (g) + C (s) ∆H° = 74.6 kJ/mol (4.1d)

Considering the metrics, the conversion reports reactant consumption and is de�ned as

Xi = 1− Fi
F0,i

i = {CO2, CH4, H2O} . (4.2)

where Fi denotes the molar �ux of specie i. The study focused on methane and carbon
dioxide conversion. Water conversion is less important because it is plainly available in the
process and it is easy to separate. Throughout the study, oxygen conversion is considered to
be equal to one. It is also important to point out that the conversion may have negative values
because some reactants act as products depending upon certain operational conditions.

Yield and selectivity, in turn, measure productivity and waste of raw material. The yield
indicates how much was produced in relation to the maximum stoichiometrically possible,
given the initial amount of reactants. It is de�ned for syngas and coke as

Ysyngas =
(FH2 + FCO)− (F0,H2 + F0,CO)

4 · F0,CH4

(4.3)

Ycoke =
FC

F0,CH4

. (4.4)
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On the other hand, selectivity indicates how much the desired product was formed in
relation to all (competitive) products. Not only gives information about product preference
but also about waste of raw material. In this sense, the selectivity of syngas is calculated as:

Ssyngas =
(FH2 + FCO)− (F0,H2 + F0,CO)

4 · (F0,CH4 − FCH4)
. (4.5)

The maximum value is one, which means that all converted raw material was transformed
into the desired product. In the case of TRM, syngas selectivity lower than 1 means that
methane was also converted into carbon dioxide, water and/or coke.

To study the performance of speci�c reactions, an yield indicator is de�ned based on the
extent of reaction. It provides information about the amount reacted in relation to the
maximum stoichimetrically possible. The reaction yield is de�ned as follows:

Yq =
ξq

n0,limited reactant

(4.6)

where, for closed systems, the extent of reaction is de�ned as

ni = n0,i +

q∑
νi,qξq . (4.7)

ξq, νi,q and ni denote the extent of reaction q, stoichiometric coe�cient of specie i in reaction
q and number of specie i in mol, respectively. Note that the extent and yield may assume
negative values, which means that the reverse reaction is taking place.

Three additional metrics are necessary to complete the analysis: syngas ratio, TRM enthalpy
and total carbon dioxide conversion. The syngas ratio is a requirement of the downstream
process and is de�ned as

H2/CO =
FH2

FCO
. (4.8)

The TRM enthalpy is the heat required by the TRM reaction divided by the amount of
methane converted,

HTRM =
∆HTRM

F0,CH4 − FCH4

. (4.9)

The total carbon dioxide conversion includes conversion inside the reformer tubes and also
in the furnace of the heated reactor model (HR). It is calculated as:

X total
CO2

= 1−
FCO2 +

QTRM

ζ ·Qcomb,CO2

F0,CO2

, (4.10)

whereQTRM is the TRM heat duty,Qcomb,CO2 is the heat of combustion of a typical furnace
fuel and ζ is the e�ciency of the energy transfer between the furnace and the process gas.
The furnace heat (Qcomb,CO2) is 800.77 MJ/kmol of CO2, which corresponds to the burning
enthalpy of reformer fuel at constant 524 K and 132.4 kPa (34); the e�ciency is 50%, the
approximated value of a conventional steam reformer in ammonia plants (67).
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4.2 REACTION EQUILIBRIUM MODEL

The reforming reactions are limited by equilibrium and very in�uenced by temperature,
pressure and feed compositions. Since the catalytic reactions reach values near to equilibrium
(4), analyzing equilibrium data is more general and suitable for di�erent types of reactors.
Moreover, it is faster than analyzing several reactors, varying in geometrical con�guration,
kinetics, catalytic loading, and operational restrictions.

The thermodynamic system was considered to be multicomponent, isobaric and free from
electric, super�cial and �eld forces. Species adsorptions on catalyst surface were despised.
The equilibrium states were calculated by the minimization of the total Gibbs energy,
subjected to the conservation equations of mass and energy, as follows:

minG(T, P, ni) =
i∑
µ(T, P, ni) · ni (4.11a)

s.t.:
i∑
Cci · δni =

i∑
Aci · ni − bc = 0 (4.11b)

∆P = 0 (4.11c)

H0 −H(T, P, ni) = H0 −
i∑
hi(T, P, ni) · ni = 0 (adiabatic) (4.11d)

or
∆T = 0 (isothermal), (4.11e)

(4.11f )

where Cci is the entry of the chemical formula matrix, i. e., it is the number of c element
atoms in the i component, and bc is the total number of c element. G, H and µ denote the
Gibbs energy, enthalpy and chemical potential, respectively.

The minimization covered seven gaseous species (CH4, CO2, H2O, O2, CO, H2, N2) and
solid carbon (C), which represents the coke. The simulation was performed by an equilib-
rium reactor model (RGibbs) of Aspen Plus® V8.8, using the Peng-Robinson equation of
state (57).

The TRM was evaluated varying initial composition and temperature at a �xed pressure
of 25 bar. The initial molar composition was described as a proportion, in percentage,
between the reactant (water, oxygen or carbon dioxide) and methane feed. The water feed
ranged from 0 to 300% and carbon dioxide up to 200 %, which is the composition range of
some NG resources (8). Oxygen ranged from 0 to 60 %, which is the usual limit applied in
autothermal reformers. When TRM is non-adiabatic, the equilibrium temperature varied
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from 700 up to 1000 °C 1.

4.3 REACTORS

4.3.1 Membrane Reactor Model

The membrane reactor model aims to represent reactors for TRM that add oxygen through
membranes. Two types of oxygen �ux were considered uniform and variable. The model
of uniform �ux evaluated the impact of oxygen distribution in the performance metrics,
equilibrium and in the temperature pro�le. The second model explores the e�ect of a
non-uniform �ux of oxygen in TRM, particularly of a α-alumina membrane. Both models
employed a basic con�guration that consists of a packed bed tube with a membrane as
the tube wall. From an external pressurized shell, pure oxygen �ows into the catalyst side
through the membrane, as depicted in Figure 9 (51, 68).

Figure 9 – Illustrative scheme of a membrane reactor for oxygen distribution.

Source: The author’s.

A 1D pseudo-homogeneous model was developed, assuming:

• steady-state regime;

• plug-�ow;

• uniform distribution in the cross-section area;

• the heat conduction in the wall is despised;

• pseudo-homogeneous reactions;

• no di�usion in the axial direction;

• constant e�ectiveness factor.
1 The limit temperature of the current tubes in steam reformers is 1080 °C (11).
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Considering a di�erential volume, the molar balance is given by

dFi
dz

= Atρbed,app

q∑
νi,qrq + Ji πD (4.12)

and the energy balance, by

dH

dz
= JO2 hO2 πD, (4.13)

where z, A and D are the axial length of the tubular reactor, the cross-section area and the
internal diameter of the tube. Additionally, ρbed,app, rq and Ji denote the apparent density
of the catalytic bed, the reaction rate of reaction q and the molar �ux of specie i (only O2 in
the case).

Uniform Flux: the model considers constant oxygen �ux along the reactor axis and despises
pressure drop. An additional variable, oxygen partition, was used to study the oxygen
distribution, which is the proportion between oxygen that �ows through the membrane
and the total oxygen added,

Opartition
2 =

Fmembrane
O2

F total
O2

. (4.14)

Variable �ux: the second model assumes an inert porous membrane made of α-alumina,
which delivers a non-uniform �ux along the reactor. The α-alumina is chemically inert,
thermal stable and it has been applied to distribute oxygen in oxidative reactions, as seen
in section 2.3. Oxygen permeation is not selective through the porous membrane and is
modeled by Darcy’s equation (equation (4.15)) of �ow in porous media (69). In this model,
the pressure drop in the catalytic bed is calculated by Ergun’s equation (equation 4.16).

JO2 =
B0 ρgas

η δmembrane
(Pshell − Ptube) (4.15)

dP

dz
= − ṁ

ρgasDp

(
1− φ
φ3

)[
150(1− φ)η

Dp

+ 1.75ṁ

]
(4.16)

B0, δmembrane and η denote the Darcy’s permeability, the membrane thickness and the gas
viscosity; ṁ, φ, ρgas and Dp are the mass �ow, void fraction, gas density and the particle
diameter.

The resultant mass and energy equations were implemented in Aspen Custom Modeler®

(ACM), using the Peng-Robinson equation of state to predict the thermodynamic behav-
ior. The system of di�erential-algebraic equations was discretized by the backward �nite
di�erence method with 300 internal nodes, 150 for the initial 0.5 m and 150 nodes for the
last 5.5 m, and solved by a Newton-like method. The parameters for the membrane reactor
are shown in the Table 5. The e�ect of membrane support layers are despised. The intrinsic
kinetics of Xu and Froment(2) and Trimm and Lam(3) and the constant e�ectiveness factor
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of Groote and Froment(17) were used (see section 2.1.4). The feed pressure and temperature
are set to 25 bar and 700 °C, the methane molar �ow is 5 kmol/h and the temperature of
the oxygen in the shell is set to be equal to feed.

Table 5 – Membrane reactor parameters.

FCH4 (kmol/h) 5
P0 bar 25
Pshell bar 29
T0 °C 700
L (m) 6
D (m) 0.1
Dp (m) 0.015
ρcat (kg cat/m3) 2100
φ - 0.43
B0 (×10−16m2) 1.65
δmembrane mm 1.5

4.3.2 Autothermal Reformer

The model of autothermal reactor was divided into two consecutive models, homogeneous
and catalytic, as depicted in Figure 10 . The homogeneous model used a developed Python
program to deal with natural gas combustion. It receives data from a feed stream in the
Aspen Plus® program, simulates the homogeneous reactions and, then, outputs the ther-
modynamic data into the feed stream of the catalytic reactor. The catalytic model employed
the RPlug in Aspen Plus® to conduct the reforming reactions SMR and DMR.

Figure 10 – Illustrative scheme of the autothermal model.

Source: The author’s.

The impact of pressure on performance is evaluated by equilibrium and kinetic approaches.
The geometric con�guration and volume �ow in the feed are maintained constant, during
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pressure variation. The calculated residence time is de�ned as the time in the reactor necessary
to convert 95% of the methane expected in the equilibrium.

4.3.2.1 Combustion Section

In an industrial autothermal reformer, the combustion chamber is carefully designed to
provide a proper mixture of the gases and to prevent soot production. However, the present
model does not intend to replicate the complex �uid dynamics around the burner neither
the radiation e�ects in the refractory vessel. In the literature, di�erent models were applied to
the combustion section, including PFR, equilibrium, and CFD. Considering that industrial
geometry is not available in the open literature and the design detail is out of scope, a CFD
model is an inadequate choice. In its turn, an equilibrium reactor would be too unrealistic
because the homogeneous reforming reactions are too slow to attain equilibrium. Therefore,
a homogeneous PFR model was chosen, similarly as in Cho et al.(56). The model consists
of an ignition problem, where the composition and temperature pro�les are simulated. Its
assumptions were:

• steady-state regime;

• plug-�ow;

• no di�usion in the axial direction;

• adiabatic and isobaric operation;

• ideal gas behavior.

The mass balance for a specie i was

ṁ
dyi
dV

=

q∑
νiqrq ·MWi (4.17)

and the energy conservation equation was

dT

dV
= −

i∑
h̃i

q∑
νiqrq

ṁ · cp
, (4.18)

where yi, V , MWi and cp denote the mass fraction of specie i, the volume of the reactor, the
molecular weight of specie i and the molar heat capacity, respectively.

The kinetic model is crucial to adequately model the homogeneous section. Simplistic
models containing three or four lumped chemical reactions are restricted to the empirical
data and do not behave well in extrapolations (as occurs in TRM conditions), despite
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simpler to implement and faster to simulate (70, 71). For this reason, a complete and well-
validated kinetic model for homogeneous combustion of methane was applied, the GRI
3.0 mechanism (61). It considers 53 chemical species and 325 homogeneous reactions.

To solve the resultant di�erential-algebraic equation system involving the complex com-
bustion mechanism, a script in Python 3.7 was developed. Using the Aspen Plus® COM
interface, the program is able to transfer data between the Aspen simulation objects, such as
streams and reactors, and those in the local Python program. In this manner, it receives data
from a feed stream from Aspen Plus®, solves the equations of the combustion model and
outputs stream data to Aspen Plus®, integrating the homogeneous and catalytic model as
depicted in Figure 10.

The full GRI 3.0 mechanism, as well as the thermodynamic data of all species, were managed
by Cantera packages available on Python(72). The conservation equations were integrated by
a multi-step BDF algorithm in the Scipy package (73). Although the kinetics comprised 53
species, there were only six relevant components during the simulation (CH4, CO2, H2O, O2,
CO, H2). Other chemical species appear as trace, except acetylene that is slowly consumed
after ignition. Since the ignition time varies greatly with feed composition and temperature,
criteria to establish a mean (and general) residence time is necessary. As proposed by (56), two
criteria are adopted here: depletion of (i) oxygen and (ii) saturated hydrocarbons, acetylene;
resulting, in a mean residence time ca. 1.3 s.

4.3.2.2 Catalytic Section

The exhaust gases from the homogeneous section �ow to the catalytic reactor, where the
reforming reaction occurs. The adiabatic catalytic model assumed:

• steady-state regime;

• plug-�ow;

• pseudo-homogeneous reactions;

• no di�usion in the axial direction;

• constant e�ectiveness factor.

Considering a di�erential volume of the reactor, the molar balance is given by

dFi
dz

= Atρbed

q∑
νiqrq (4.19)
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and the energy balance,

dH

dz
= 0 . (4.20)

The intrinsic kinetics adapted from Xu and Froment(2) and Trimm and Lam(3) were used
together with the e�ectiveness factor of Groote and Froment(17), similar to the membrane
reactor model. It was used the RPlug module of Aspen Plus® with Peng-Robinson equation
of state. The reactor parameters are shown in Table 6.

Table 6 – Geometric parameters of the �xed bed reactor for TRM.

D (m) 3.45
Lcatalytic (m) 4
Dp (m) 0.015
ρapp (kg cat/m3) 2100
φ - 0.43

4.3.3 Heated Reactor

To complete the analysis concerning possible reactors for TRM, a reactor that operates
non-adiabatically is necessary. In this sense, a model was developed to analyze the main
features of a heated tubular packed bed reactor, resembling those in conventional steam
reformers. A 1D PBR model was used, assuming:

• steady-state regime;

• plug-�ow;

• uniform distribution in the cross-section area;

• no di�usion at the axial direction;

• pseudo-homogeneous reactions;

• constant e�ectiveness factor along the reactor;

• constant heat �ux on the tube wall

The specie i molar balance is given by

dFi
dz

= Atρbed,app

q∑
νirq (4.21)
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and the energy balance, by

dH

dz
= q′′ · πD, (4.22)

where q′′ is the heat �ux across the tube.

The pressure drop was calculated by the Ergun equation (equation 4.16). The intrinsic
reaction rate of Xu and Froment(2) and Trimm and Lam(3) was used with the e�ectiveness
factor calculated by Groote and Froment(17). The model was solved by the RPlug of Aspen
Plus® V9.0 with the Peng-Robinson equation of state and its parameters are shown in Table
7

Table 7 – Geometric parameters of the �xed bed reactor for TRM.

L (m) 12
D (m) 0.1
Dp (m) 0.015
ρapp (kg cat/m3) 2100
φ - 0.43

The impact of pressure on performance is evaluated by equilibrium and kinetic approaches.
The geometric con�guration and volume �ow in the feed are maintained constant, during
pressure variation. The calculated residence time is de�ned as the time in the reactor necessary
to convert 95% of the methane expected in the equilibrium.

4.3.3.1 Comparison Conditions

To compare the performance of the autothermal and heated reactor con�gurations, feed
conditions must be determined. For both con�gurations, the inlet conditions are chosen
to give the best carbon dioxide conversion, subjected to the absence of coke production
and 25 bar, and limited to 900°C. Two conditions were analyzed, TRM producing syngas
ratio of 2.0 (case 01) and 1.0 (case 02). The feed conditions were obtained by optimizing
an equilibrium reactor model in Aspen Plus® V8.8, using the SQP algorithm. The feed
compositions for comparison are shown in Table 8.

Table 8 – Feed conditions for performance comparison between the autothermal and heated reactor
con�gurations.

Molar Composition
CH4: CO2: H2O: O2

Case 1 2
Autothermal reactor 1: 0.5: 1.17: 0.45 1: 1.5: 0.83: 0.54
Heated reactor 1: 0.5: 1.16: 0.1 1: 1.5: 0.82: 0.1
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5 THERMODYNAMIC REACTION
EQUILIBRIUM

Tri-reforming of methane is a promising reaction to convert both methane and carbon
dioxide, particularly with NG rich in CO2. The equilibrium data is useful to study the
behavior of the reactive system in a wide range of conditions. Since the catalysts of TRM
closely follow the equilibrium, the analysis can give useful insights about reactor operation
and industrial applicability. Rather than the current scienti�c literature, the present chapter
explores TRM at 25 bar, typical pressure of industrial reformers, and also includes adiabatic
operation. The study is guided by the performance indicators, discerning optimum regions
and possible limitations of TRM. The �rst section deals with adiabatic conditions and the
second with constant temperatures.

5.1 ADIABATIC EQUILIBRIUM

The synergistic combination of endothermic and exothermic reactions enables TRM to
operate adiabatically, not requiring large furnaces in contrast with what occurs in steam
reformers. The enthalpy restriction changes the relative in�uence of species in performance
when compared to isothermal reactions. Therefore, the following sections investigate the
behavior of TRM, focusing on the oxygen and steam requirement for converting methane
and carbon dioxide into syngas.

5.1.1 Adiabatic Temperature

Unlike the analysis of isothermal equilibrium, the equilibrium temperature is not directly
known, it varies with initial composition, temperature, and pressure. Figure 11 shows the
equilibrium temperature as a function of water and oxygen feed.
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Figure 11 – Adiabatic temperature of TRM at CO2/CH4 = 50%, 25 bar and initial temperature of
(a) 600, (b) 700, (c) 800 °C.

Source: The author’s.
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The adiabatic temperature ranged from 600 to 1200 °C. Temperature beyond 800 °C,
which is bene�cial to reforming reactions, is attained by oxygen feed exceeding 40%. In
this initial compositional range, the adiabatic temperature is more sensitive to oxygen, i.e.,
small oscillations in the feed may drive the reaction to high temperatures (1100 °C). As a
consequence, TRM reactor demands a strict control system so that operational runaways
may be prevented.

The adiabatic temperature ranged from 600 to 1200 °C and values greater than 800 °C
were attained at oxygen feed exceeding 40%. Beyond this feed proportion, adiabatic temper-
ature becomes more sensitive to oxygen. Oscillations in oxygen feed may lead to dangerous
temperatures in the reactor which, as a consequence, requires a strict feed control system.
The contour lines reveal a particular in�ection when the system is fed by a small concentra-
tion of water. In those conditions, the production of carbon solid is spontaneous and less
endothermic than reforming reactions, leading to an increase in temperature.

The results also showed that the contour lines were close to orthogonality or, equivalently,
the gradient was almost parallel to the oxygen axis. This means that oxygen is the key reactant
for the adiabatic temperature, and, consequently, to adiabatic performance of TRM. In
turn, water does not substantially impact temperature. For each oxygen mole converted,
CCM gives o� more than the double of the required energy to convert water into SMR 1,
which may explain the di�erence in in�uence. Obviously, feed temperature also plays an
important role in providing the energy required by TRM, as seen in Figure 11 (a), (b) and
(c). Therefore, proper heat integration previous to the reactant mixture is crucial in order
to provide su�cient temperature for a good performance. Although high temperatures are
bene�cial to TRM, the reactor materials may not be able to resist. For example, the metal
in the conventional steam reformers can operate up to 1000°C and Ni melts at ca. 1400°C.
Therefore, good energy management is crucial for the reactor.

5.1.2 Syngas Yield, Syngas Selectivity, and Methane Conversion

Yield and selectivity are key measures for reaction productivity. As methane conversion is
correlated to both, it is useful to investigate them simultaneously. Figure 12 shows yield,
conversion, and selectivity as a function of water and oxygen feed at temperatures of 600,
700 and 800 °C.

Figure 12 (a), (b), (c) show that both water and oxygen positively a�ect syngas yield. However,
since TRM is mostly driven by temperature, oxygen plays a more important role than water.
Feed temperature also contributed to the improvement of the reforming reactions and,
1 In standard conditions, the reaction enthalpy of CCM and SMR is -445.5 kJ/ mol of O2 and 206.3 kJ/mol

of H2O
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Figure 12 – Syngas yield at CO2:CH4 = 50% and initial temperature of (a) 600, (b) 700, (c) 800
°C at 25 bar. Methane conversion at initial temperatures of (d) 600, (e) 700, (f) 800 °C.
Syngas selectivity at initial temperatures of (g) 600, (h) 700, (i) 800 °C.

Source: The author’s.

consequently, the syngas yield. Syngas yield ranged from 0 to ca. 0.7 with a maximum
between 50% and 60% of oxygen (easily seen in Figure 12 (c)). Oxygen concentration greater
than 60% does not improve selectivity, it only raises the temperature; therefore, it should be
avoided. Therefore, if high productivity per pass is desired, oxygen feed should be in the
range between 45 and 60 %.

Likewise yield, methane conversion is substantially driven by oxygen (Figure 12 (d), (e) and
(f) ). A feed of oxygen greater than 55% completely consumes the methane. Variations in
water feed are not important as long as coke is absent. The production of coke bends the
contour lines, suggesting that methane decomposition converts more methane than SMR
at lower temperatures 2.

Unlike most indicators, syngas selectivity is negatively a�ected by oxygen (Figure13 (g),
2 Although the analysis on regions of coke may be done in equilibrium, the applicability is tiny because, in

those conditions, the catalyst is likely to be deactivated
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(h) and (i)). As it grows, selectivity reduces slightly in the range of 0.8 to 0.7. Although
oxygen elevates temperature, it decreases selectivity by the production of CO2 and H2O
(CCM). Conversely, reforming reactions enhance selectivity, although they decrease adi-
abatic temperature. The results support the conclusion that excess of oxygen, more than
60%, is unnecessary because methane is practically depleted and selectivity decreases.

5.1.3 Syngas Ratio

The syngas ratio is determinant to produce methanol, DME and synthetic hydrocarbons.
Ratios around 2 are suitable for methanol and Fischer-Tropsch reactions whereas values
low as 1 are adequate for DME plants. The adiabatic equilibrium results for syngas ratio are
depicted in Figure 13.
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Figure 13 – Syngas ratio (H2 : CO) at (a) 50% of O2: CH4 , (b) 50% of CO2: CH4 and 700 °C of
initial temperature and 25 bar. In (b), ratios higher than 3.0 are not shown for the sake
of clarity.

Source: The author’s.

The syngas ratio is mainly determined by the relation between water and carbon dioxide.
Figure 13 (a) shows that it ranges mostly between 1 to 3, the stoichiometric values obtained
in DMR and SMR. If more water is fed than carbon dioxide, syngas ratio is raised and if it
is less, the opposite occurs. For example, to obtain the syngas ratio around 2.0, the necessary
feed proportion is around H2O: CO2 = 2: 1, whereas for ratios of 1, it inverts to H2O: CO2

= 1: 2. Oxygen, in turn, reduces the ratio (Figure 13 (b)) because DMR is more sensitive to
temperature than SMR (shown in section 5.1.6).

5.1.4 Solid Carbon Yield

Coke production is one of the major concerns in syngas units. In conventional steam
reformers, the proportion between water and methane in the feed is between 2 and 3 to
avoid coke deposition and deactivation of the catalyst. Therefore, it is crucial for TRM to
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verify whether coke is thermodynamically stable during reactor operations. Figure 14 shows
coke yield as function of the oxidizing agents, O2 and H2O.
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Figure 14 – Coke yield at (a) 25%, (b) 50%, (c) 75% of CO2: CH4 , 700 °C of initial temperature
and 25 bar.

Source: The author’s.

The white region represents equilibrium states that are free of coke, and the dark ones
mean that coke production is spontaneous. TRM produces coke when oxidants are in low
concentration or when the temperature is low. In adiabatic operation, the zone of coke
increases with carbon dioxide addition, as shown in Figure 14 (a), (b), (c). Generally, an
oxygen feed greater than 45% guarantees the absence of solid carbon, independently of
steam. Note that this region also corresponds to the best syngas yield. Unlike oxygen, the
minimum amount of water to guarantee the absence of coke is intrinsically dependent on
carbon dioxide feed. For example, it is ca. 150% at 50% of CO2 and 100% at 25% of CO2.

5.1.5 Carbon Dioxide Conversion

For syngas processes that use natural gas rich in CO2, a fair conversion is essential to prevent
overload in separation units and recycles. The results of CO2 conversion are shown in
Figure15 as a function of water, oxygen and carbon dioxide.

In TRM, carbon dioxide conversion can be either positive or negative depending upon the
initial state. Figure 15 (a) shows that the conversion varies from negative values below -1 up
to 0.5, depending upon the feed of carbon dioxide and water. Since the oxygen is �xed at
50%, it is guaranteed that the results are not in�uenced by coke.

The reagents, water, and carbon dioxide in�uence the conversion in two distinctive ways.
The increase of carbon dioxide and decrease of water enhance conversion when it is negative
but, when the conversion is positive, only the reduction of water is relevant. In all cases,
reducing the feed of water is bene�cial because it competes directly with DMR for the
methane molecule.
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Source: The author’s.

Conversely, oxygen has a low in�uence on the conversion of CO2, as shown in Figure 15
(b). In TRM, it is responsible for raising the temperature, producing carbon dioxide and
water by CCM, instead of converting CO2. In both cases, the results indicate that TRM
can only convert 40% or more of the CO2 if the water feed is inferior of 50% in relation to
methane. This feed is much lower than the industrial standards, suggesting that TRM with
high conversion of CO2 tends to dry reforming with an oxidation reaction.

5.1.6 Reaction Yield

The discussion on performance indicators has so far inferred explanations based on the
behavior of the constituent reactions of TRM. However, an explicit analysis of the individual
reactions is necessary to support those claims. In this sense, the individual yields of SMR
and DMR are calculated as a function of oxygen and shown in Figure 16.

At the adiabatic conditions (Figure 16 (a)), oxygen enhances both reactions due to the
temperature rise. The yield of DMR grows at a faster rate than SMR yield, from negative
values up to 50% at 60% of oxygen. The yield of SMR also grows, but, around 50% of oxygen,
it in�ects in a decreasing fashion. At a �xed temperature of 900 °C (Figure 16 (a)), oxygen
negatively in�uences the yield of SMR whereas the yield of DMR is practically una�ected.
Since, in isothermal simulations, oxygen does not a�ect temperature, it only is responsible
for producing water and carbon dioxide by CCM. Therefore, it may explain why SMR is
more impacted by oxygen than DMR, the double of water molecules are produced than
carbon dioxide. Additionally, it also explains the behavior of the syngas ratio and carbon
dioxide conversion when oxygen feed increases. Since SMR is hindered whereas DMR is
una�ected by oxygen, the syngas ratio is reduced and CO2 conversion is boosted, as discussed
in the sections 5.1.3 and 5.1.5.
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Figure 16 – Yields of SMR and DMR at feed composition of CH4: CO2: H2O = 1: 1.75: 0.5 at
700°C and 25 bar.

Source: The author’s

5.2 ISOTHERMAL EQUILIBRIUM OF TRM

Due to its versatility, TRM can be operated adiabatically or non-adiabatically. Song and
Pan(4) �rst proposed the operation of TRM similar to conventional steam reformers. heated
by an external source. The TRM has advantages over conventional SMR and DMR on
syngas ratio �exibility and coke prevention. In order to verify the bene�ts of this kind of
operation, this section investigates TRM by its main performance indicators at industrial
pressure of 25 bar.

5.2.1 Heat of Reaction

Tri-reforming is distinct from steam or bi-reforming reactions due to the presence of oxygen
as a reactant. It acts as a strong oxidizer of methane and carbon, elevating the temperature
due to CCM. The energy requirement for the reaction reduces as a function of oxygen.
Figure 17 shows this trend at three temperatures.

The reaction enthalpy decreases with oxygen, ranging from + 225 (as a bi-reforming reaction)
to -100 kJ/mol. The adiabatic point occurs at ca. 30, 42 and 45% of oxygen feed for 800,
900 and 1000 °C, respectively. Given isothermal conditions, the required energy for TRM
becomes more sensitive as temperature reduces. For example, changing the supplied oxygen
from 10 to 20%, the required energy reduces ca. 75 kJ/mol at 800 °C against 50 kJ/mol at
900 °C.

Given a �xed heat �ux, the higher the temperature increases the more it becomes sensitive
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to oxygen. Curves 900 and 1000 °C are much closer to each other than 800 to 900 °C. For
example, given a heat supply of 100 kJ/mol, a change by 5% in oxygen is enough to drive the
temperature from 900 to 1000 °C. This conclusion is the same found in the equilibrium
data of adiabatic temperature (section 5.1.1). From a level of around 45% of oxygen, the
adiabatic temperature is very sensitive to oxygen. As a consequence, oscillations in oxygen
addition at this level can drive the reactive mixture to harmful temperatures.

Despite the bene�ts of the reduction in heat demand, oxygen feed may imply hot spot
formation inside the catalytic bed. Using the information, in advance, from section 6.1
about oxygen distribution, which suggests that 20% of oxygen is su�cient for hot spots
formation, the oxygen feed will be restricted to 10% in the following analysis.

5.2.2 Syngas Yield and Methane Conversion

When compared to adiabatic operation, TRM productivity is much higher at heated con-
ditions. Figure 18 depicts syngas yield and methane conversion as a function of water and
carbon dioxide.

As shown in Figure 18, syngas yield varies between 0.2 and 0.9 and conversion, from 0.4
to 1. Both water and carbon dioxide have a positive in�uence on syngas production and
methane conversion. Note that carbon dioxide becomes more in�uential as temperature
increases, converting more methane by DMR. To attain the best yields, excess of reactants
are necessary, which means that the sum of water and carbon dioxide feeds must be greater
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Figure 18 – Syngas yield (a, b, c) and methane conversion (d, e, f) at equilibrium temperatures of
800 °C, 900 °C, 1000 °C and 25 bar for 10% of O2/CH4 .

Source: The author’s.

than 100% in relation to the methane feed. As a consequence, the total conversion of both
reactants is not attained.

In addition, temperature plays a crucial role in syngas production. The results showed that
the maximum yield grows from ca. 70% at 800 °C to 90% at 900 °C. For example, at CH4:
CO2: H2O = 1:0.5: 1.5 yield is ca. 90% at 1000 °C and 75% at 900 °C. The results suggest that,
in order to substantially enhance productivity, it is more relevant to improve the resistance
of reactor materials against temperature than optimizing the feed composition.

5.2.3 Coke Yield

Coke yield is an important indicator of possible catalyst deactivation. Figure 19 shows the
coke production as a function of the feed of water and carbon dioxide.

The white region represents feed conditions whereby coke is thermodynamically unfavor-
able to form. Water and carbon dioxide can suppress coke formation, but they act di�erently
depending on the temperature. The results show that water is the most relevant coke suppres-
sant. For example, at 800 °C, water feed greater than 100 % in relation to methane is enough
to restrain coke. However, carbon dioxide shows a di�erent pattern. The suppression e�ect
follows the reactivity of carbon dioxide, consequently, the higher the temperature less coke is
produced. In this sense, the more the temperature rises, the more water and carbon dioxide
are reactive and the smaller the plume of coke becomes. As a general conclusion, to e�ciently
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Figure 19 – Coke yield at equilibrium temperatures of (a) 800 °C, (b) 900 °C, (c) 1000 °C and 25
bar, 10% O2/CH4 and 700 °C of inlet temperature.

Source: The author’s.

operate the reactor, the water level must be monitored to avoid coke deposition, regardless
of the carbon dioxide feed.

5.2.4 Carbon Dioxide Conversion

Two types of conversion are shown in Figure 20 as a function of inlet water and carbon
dioxide feed at three di�erent temperatures. The �rst indicator, carbon dioxide conversion
(XCO2), considers the conversion of the process gas (inside the tubes) ( Figure 20 (a), (b), (c)
) and the second indicator, total carbon dioxide conversion (Xtotal

CO2
) (Figure 20 (d), (e) and

(f)) adds an estimation of the CO2 emitted in the furnace.

Carbon dioxide conversion presents similar patterns to the adiabatic TRM. At negative
values (CO2 feed proportion greater than 15%), both co-reactants are important. To improve
conversion, it is necessary to increase CO2 feed or/and decrease the water supply. In the
region of positive conversion, steam in�uence is predominant; conversion is improved if
steam feed decreases. Compared to adiabatic operation, the conversion is much higher
because the external furnace provides the necessary energy to maintain the temperature, and
the small oxygen feed does not compete with SMR and DMR. Once more, temperature
plays a crucial role in carbon dioxide conversion. For example, with feed composition of
CH4: H2O: CO2: O2 = 1: 1.5: 0.5: 0.1, conversion goes from ca. 10% to 30% and 50%, at
800, 900 and 1000 °C respectively.

However, when the furnace emission of CO2 is included in the calculations, the overall
conversion drops drastically. For example, at 900 °C, while conversion in the catalytic bed
is ca. 0.7, the overall conversion is around 0.25. Moreover, the in�uence of temperature
is lower. While the maximum conversion varies between 0.6 to 0.8 from 800 to 1000 °C,
the maximum total conversion is almost the same, ca. 0.25. The total conversion attained
is much lower than in the adiabatic operation. As a conclusion, if the total conversion in
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Figure 20 – Carbon dioxide conversion in the catalytic bed at equilibrium temperatures of (a) 800 °C,
(b) 900 °C, (c) 1000 °C and 25 bar, 10% O2/CH4 and 700 °C inlet temperature. Carbon
dioxide conversion of the overall reformer, including the carbon dioxide produced to
heat up the reaction, at equilibrium temperatures of (d) 800 °C, (e) 900 °C, (f) 1000 °C
and 25 bar, 10% O2/CH4 and 700 °C inlet temperature. Conversions lower than -1.0
are not shown for the sake of clarity.

Source: The author’s.

the reactor is a priority over the conversion of process gas, then the heated reactor is not an
adequate choice; otherwise, it may be a possible operational way to run a TRM reactor.

5.2.5 Syngas Ratio

Figure 21 shows the syngas ratio obtained by varying the water and carbon dioxide feed at
three di�erent temperatures.

The syngas ratio varies considerably, from values lower than 1.0 to above 3.0. As in adiabatic
operation, the syngas ratio is mainly determined by the relation between water and carbon
dioxide. Syngas ratio of 2.0, suitable for methanol production, for example, is obtained at a
proportion of 2:1 between steam and carbon dioxide at 800 °C. Additionally, values around
1.0 are only obtained at a greater addition of carbon dioxide and less water, usually at 1:1.6.
As expected, the water feed favors high syngas ratio whereas carbon dioxide, lower ones.
As the temperature increases, the syngas ratio decreases due to the improvement in DMR
reactions. For example, the steam for carbon dioxide proportion to obtain syngas ratio of
2.0 increases from 2: 1 at 800 °C to 2.7: 1 at 1000 °C.
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Figure 21 – Syngas ratio at equilibrium temperatures of (a) 800 °C, (b) 900 °C, (c) 1000 °C and 25
bar, 10% O2/CH4 and 700 °C inlet temperature. Values greater than 3.0 are not shown
for the sake of clarity

.
Source: The author’s.

5.2.6 Reaction Yield

The reforming reactions are improved by temperature, as shown in Figure 22. DMR, par-
ticularly, has a higher increase rate than SMR, going from negative values to more than 40%
yield. Those results support the discussion in the sections about syngas yield, carbon dioxide,
and syngas ratio, showing that: (i) since reforming reactions are improved by temperature,
syngas is boosted as well, (ii) since DMR grows faster than SMR, conversion of CO2 and
syngas ratio decreases.

7 0 0 7 5 0 8 0 0 8 5 0 9 0 0 9 5 0 1 0 0 0
- 0 . 2

0 . 0

0 . 2

0 . 4

0 . 6

0 . 8

1 . 0

T  ( ° C )

Y S M R

Y D M R

Figure 22 – Yield of SMR and DMR reactions as a function of temperature at 25 bar and composi-
tion of CH4: H2O: CO2: O2 = 1: 1.75: 0.5: 0.5

Source: The author’s.
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5.3 SUMMARY OF EQUILIBRIUM

Since the catalytic reactions closely follow the equilibrium data, as shown by Song and
Pan(4), the simulations of reaction equilibrium give useful insights about TRM. The results
presented in this chapter showed that performance attained at industrial pressure is lower
than that in atmospheric conditions. For example, carbon dioxide conversion of 90% at 1 bar
falls to a maximum of 50% at 25 bar. Moreover, since TRM can also operate adiabatically, the
results showed a di�erent behavior than isothermal, particularly regarding the dependence
of oxygen feed. Therefore, the simulated equilibrium data shown in this section seems more
appropriate for a comprehensive analysis of the applicability of TRM in the industry than
at atmospheric pressure.

It is also important to analyze TRM comparing the metrics simultaneously to provide
information on possible operations cases and its applicability for GTL industries. Figures
23 and 24 show the results of equilibrium simulation of TRM at adiabatic and isothermal
conditions.

As discussed in the previous section, adiabatic TRM only performs reasonable yields when
oxygen feed is greater than 45%. From Figure 23, note the region described by the range of
45% to 60% of oxygen feed. It also corresponds to the region free of coke deposition and
high methane conversion. However, in this operational range, there is a trade-o� between
the syngas ratio and carbon dioxide conversion. A high syngas ratio means a low conversion
of carbon dioxide. For example, the syngas ratio of 2, which is adequate to methanol and
Fischer-Tropsch process, implies in negligible or even negative conversions of CO2. Initial
compositions that obtain CO2 conversions of 20 and 40% also produce syngas at ratios of
1.6 and 1.4. If a proportion of oxygen lower than 45% is applied, the yield diminishes and
CO2 is not improved. Moreover, there is a risk of coke deposition. Therefore, the results
indicate that adiabatic TRM requires a substantial amount of oxygen and produces the
syngas ratio lower than 2.0. The adiabatic process requires an air separation unit and proper
reactor con�gurations to avoid hot spots in the catalytic bed. GTL processes that avail low
syngas ratios would bene�t from TRM, such as DME and higher alcohols.

Figure 24 shows the performance of TRM at 900 °C, which is the equivalent of the adiabatic
temperature attained at ca. 50% of oxygen. The obtained yields are greater than adiabatic,
over 60% in the free coke region. The minimum steam to suppress coke in the feed is around
100% in relation to methane, due to the low level of oxygen (10%). As in adiabatic TRM, the
opposing trends between syngas ratio and carbon dioxide conversion also exist. However,
there is no trade-o� between them. Syngas ratio of 2.0 can be obtained with a conversion of
around 30% of CO2. If the total conversion is considered, it drops to negative values similar
to adiabatic. Clearly, since the CO2 emission is an overall estimate, the overall conversion
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Figure 23 – Performance indexes of TRM at 50% of CO2/CH4, 700 °C and 25 bar. (a) syngas
yield; (b) H2/CO; (c) coke yield; (d) carbon dioxide conversion. In (b), values grater
than 3.0 are not shown for the sake of clearness. (i) Represents the region free of coke
independently of steam, (ii) independently of oxygen.

Source: The author’s.

would be much smaller if the heat transfer is less e�cient. Therefore, the results suggest
that a heated TRM would be much more appropriate to process NG rich in CO2 to the
methanol process than adiabatic. However, to obtain a lower syngas ratio for DME and
higher alcohols process, the load of CO2 should be much greater.

To sum up, adiabatic conditions seem to be more appropriate to processes that demand
lower syngas ratio whereas heated TRM, to methanol and usual Fischer-Tropsch plants.
However, the adiabatic operation challenges the reactor design, due to a large amount of
oxygen required. In the next sections, this issue will be addressed as well as a comparison
among three reactor con�gurations.
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Figure 24 – Performance of TRM at 900 °, 25 bar and CH4: O2 = 1: 0.1 . Syngas yield (a), syngas
composition (b), coke yield (c) and reformer carbon dioxide conversion (d) as function
of water and carbon dioxide feed

.
Source: The author’s.
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6 REACTORS

6.1 MEMBRANE REACTOR

The last chapter discussed the adiabatic TRM, focusing on carbon dioxide conversion, coke,
and syngas yield. As seen, TRM presents a trade-o� between carbon dioxide conversion and
syngas ratio. However, the most important feature for the design of the adiabatic reactor
is the requirement of a large amount of oxygen due to the risk of dangerous temperatures
and process safety. If oxygen is added with the feed in the conventional packed bed reactor,
then a dangerous hot spot is produced, attaining a temperature of order 1400 °C, surely
harming the catalyst and tubes. If the addition of oxygen is partitioned between the feed
and a membrane, hot spots are mitigated, as reported by Rahimpour, Arab Aboosadi and
Jahanmiri(23). However, a more detailed study must be done to explore the in�uence of
oxygen partition in performance and also the limitations of a membrane reactor.

For this purpose, the section is divided into four subsections: (i) membrane reactor and
equilibrium, (ii) oxygen partition, (iii) porous membrane reactor and (iv) membrane reactor
and coke production. The �rst one discusses the relationship between reaction equilibrium
in closed and open systems, particularly related to membrane reactors. The second one
studies the in�uence of oxygen distribution and the third one analyzes a non-uniform
�ux in a porous membrane reactor. The last subsection investigates the problem of coke
production. The base case of study is a feed composed of CH4: CO2: H2O: O2 = 1: 0.5:
1.75: 0.50 at 700 °C and 25 bar, which is thermodynamically free of coke and independent
of oxygen feed (see section 5.1.4). The grid analysis for the mathematical model is shown in
Appendix A.

6.1.1 Membrane Reactor and Equilibrium

In contrast to closed systems, such as batch and plug �ow, membrane reactors transfer
mass with its surroundings. Therefore, it is important to understand if the thermodynamic
study for closed systems (as done in the last chapter ) applies to systems whose mass is not
constant. This subsection will address a number of analyses that will be used in the following
discussions on the membrane reactor. Firstly, it will present two general conclusions on
the reaction equilibrium and, secondly, it will discuss the general behavior of membrane
reactors regarding closed equilibrium analysis.
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6.1.1.1 Reaction Equilibrium

Recall from the modeling section, that the equilibrium state of adiabatic reactive closed
system is calculated by:

minG(T, P, ni) =
i∑
µ(T, P, ni) · ni (6.1a)

s.t.:
i∑
Cci · δni =

i∑
Aci · ni − bc = 0 (6.1b)

∆P = 0 (6.1c)

H0 −H(T, P, ni) = H0 −
i∑
hi(T, P, ni) · ni = 0 (adiabatic) (6.1d)

This set of equations describes a non-linear function (total Gibbs energy) of a multidi-
mensional state variable (T,P, ni) that belongs to a closed domain (restricted by equations
4.11b, 4.11c and 4.11d). From this perspective, two simple but important conclusions for
membrane reactors can be addressed.

If there is a unique minimum to the minimization problem (no meta-stable states), then

I any non-equilibrium state, belonging to the �xed domain, evolves to the unique equi-
librium state (global minimum), regardless of initial temperature or composition
and

II if the mathematical space domain changes, another equilibrium (global minimum)
state is possible. This process can be named as an equilibrium shift.

6.1.1.2 Adiabatic Membrane Reactors and Equilibrium Shift

Suppose an adiabatic closed homogeneous system C , static or in constant movement, free
from external �eld forces in an initial non-equilibrium state Ω0, similar to one described in the
previous section (section 6.1.1.1). This system will evolve spontaneously to an equilibrium
state Ωf .

Now, suppose a similar system M with the same composition, enthalpy, and pressure divided
into two subsystems by a perm-selective membrane (Figure 25). The subsystem (i) undergoes
chemical reactions and the other system (ii) is inert. Only certain species can pass irreversible
through the membrane , leaving or entering the subsystem (i) in relation to the subsystem
(ii); in fact, the two subsystems are selectivity open to each other, though the overall system
M is closed.
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Additionally, suppose a membrane reactor composed by a reaction side and permeate/retentate
side. The reaction side follows an 1D homogeneous reaction, without axial dispersion and
pressure drop, and a uniform thermodynamic state in the sectional area (similar hypothesis
of the membrane reactor). The reactive and permeate/retentate side are modeled as the
subsystem (i) and (ii), respectively. The equilibrium state for comparison is the Ωf .

(a) Tubular membrane reactor
(b) Batch membrane reactor

Figure 25 – Removal membrane reactor, divided in two subsystems (of M) : (i) reactive retentade
zone and (ii) inert permeate zone.

Source: The author’s

From conclusion II, it follows that as long as the addition/removal of species is occurring,
the equilibrium state Ωf changes (is displaced). Since the mass and enthalpy restriction is
continuously changing by addition/removal of species, the space domain changes, driving
the minimization to another minimum. Therefore, membrane reactors shift the equilibrium
expected along with addition/removal, and, consequently, new features may appear that were
not predicted by the equilibrium analysis. Nevertheless, removal and addition membrane
reactors di�er on the overall approach to equilibrium. The membrane reactors for material
removal have a reaction path that diverges from the expected overall equilibrium state
whereas the addition reactors have a convergence approach.

Consider �rstly the removal reactor (Figure 25). If the feed or initial state is Ω0, then it would
evolve spontaneously to Ωf in the absence of a membrane. Instead, as chemical species are
removed, the target equilibrium departs from Ωf in a diverging path. As a consequence, the
closed thermodynamic analysis presented in this work cannot predict the overall perfor-
mance of such systems. Removal membrane reactors bene�t reactions whose performance
is restricted by equilibrium. Steam Methane Reforming, for example, is improved when
hydrogen is withdrawn through a Palladium membrane, obtaining yields over the conven-
tional operation. Additionally, in consecutive reactions, the removal of the �nal product
prevents the undesired formation of intermediate species, improving selectivity1.

The opposite behavior occurs in an additive (distributive) membrane (Figure 26). Con-
sider the state Ω0; if species are split between the subsystem (i) and (ii), and all species of (ii)
are added2to (i), then the �nal state will spontaneously be Ωf . Although the equilibrium
1 It is supposed that the desired product is the �nal substance in the reaction chain and the undesirable ones

are formed in the intermediate reactions.
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(a) Tubular membrane reactor
(b) Batch membrane reactor

Figure 26 – Additive membrane reactor, divided in two subsystems (of M) : (i) reactive permeate
zone and (ii) inert retentade zone.

Source: The author’s

is displaced during addition, the reactive system will tend towards Ωf , in a convergence
approach. This fact follows from conclusion I because the state after total addition belongs
to the same domain as Ω0 despite the di�erence in temperature and composition. As a
result, such systems have the possibility of changing the reaction path (reaction rate) and
the �nal/output state remains the predicted (designed) by equilibrium. Therefore, the �nal
state may be predicted by the equilibrium analysis of this work but not the intermediate
equilibrium states.

6.1.2 Oxygen Partition

The in�uence of oxygen partition (equation 4.14) on the performance of TRM is shown
in Table 9 and Figure 27. Table 9 reveals that oxygen partition does not change the overall

Table 9 – Overall performance of the membrane reactor in di�erent oxygen partitions. The feed is
composed of CH4: CO2: H2O: O2 = 1: 0.5: 1.75: 0.50 (and 1e-4 of H2 for kinetics issue)
at 700 °C and 25 bar.

O2 partition equilibrium 0% 20% 40% 60% 80% 100%
O2/ CH4 (feed) 50% 50% 40% 30% 20% 10% 0%
JO2

(mol/m2s) - 0.00 0.08 0.16 0.24 0.31 0.39
XCH4 94% 94% 94% 94% 94% 94% 94%
XCO2 -20% -17% -17% -17% -17% -16% -16%
Ysyngas 69% 69% 69% 69% 69% 69% 69%
H2: CO 2.3 2.2 2.2 2.2 2.2 2.2 2.2

Source: The author’s

performance. Conversions, yields, and syngas ratio hold almost constant despite the increase
of oxygen permeation rate from 0 to 0.39 mol/m2 s. Additionally, the output stream of
the reactor model matched closely the equilibrium ones. The major di�erence was in the
carbon dioxide conversion, where the equilibrium resulted in -20% and the model in -17%.
The disagreement also occurred in other simulations and it is likely due to the adopted
2 The addition occurs in a manner that the species enter with a molar enthalpy able to uphold the enthalpy

constraint 4.11d and the same amount expected for Ω0 . For example, if the specie enters with the same
temperature and pressure as in Ω0 . This is done in section 6.1.2.
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Figure 27 – Temperature pro�les for di�erent oxygen partitions, (a) is full zoom and (b) inlet zone.

Source: The author’s.

kinetic model, which increases CO2 conversion (24). Therefore, the results con�rmed the
conclusions about the addition of membrane reactors, addressed in section 6.1.1.2. The
overall performance of additional membranes converges to equilibrium values after reactant
addition. This e�ect could be observed in this simulation because the CCM reactions are
very fast, driving TRM quickly to equilibrium.

Figure 27 shows the temperature pro�le at several oxygen partitions. The temperature varied
from ca. 580 °C at 100% of partition to 1425 °C at 0% of partition. The inlet zone had a
sharp temperature gradient, producing whether a hot or cold spot, which is common to
all reformer reactors due to the extreme reaction enthalpies. After the steep pro�le at the
entrance, the temperature attains the equilibrium smoothly.

The oxygen distribution impacts substantially the industrial application of TRM. As shown
in Figure 27, in the case of the conventional reactor without the membrane, the reaction
would attain temperatures above 1400 °C, which surpasses the melting point of Ni, dam-
aging the catalyst and structural materials. The sharp increase occurs in a very short space,
almost as a �ame front. Therefore, a membrane reactor is indispensable for the adiabatic
operation, unless a combustion chamber is present before the catalytic bed. The membrane
reactor proved to be able to mitigate hot spots with partitions greater than 60% or oxygen
feed below 20%.

6.1.3 Porous Membrane Reactor

A �rst-principle porous membrane of α-alumina, with a non-uniform �ux, was simulated
and the results are shown in Figure 28. Oxygen �ux and temperature are shown in Figure
28 (a) and (b), indicators and molar compositions are depicted in Figure 28 (c) and (d).

In the membrane reactor, oxygen permeation grew from 0.27 to 0.40 mol/m2s. It stems from
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Source: The author’s.

the fact that oxygen permeation is driven by the di�erence in pressure between retentate and
permeate side, then, permeation grows with the pressure drop in the catalytic bed. As a result,
an over-injection may occur at the outlet zone, consuming hydrogen instead of methane
(which is almost depleted). Therefore, it is imperative the right control of distribution in
the �nal section of the reactor. The reactor presented a cold spot at the inlet followed by a
smooth increase, as already shown in the previous section. It varied from ca. 640 °to 900 °C.
Reforming reactions were very fast at the inlet zone, dropping drastically the temperature,
similar to conventional steam reformers.

Figure 28 (c) showed that methane conversion and yield grew similarly along the reactor bed
but the distance between them increased due to the decrease of selectivity. TRM reactions
attained more than 95% of conversion and ca. 70% of yield. However, carbon dioxide
conversion had di�erent behavior. It showed a steep fall at inlet followed by slow growth,
attaining ca. -20%. The molar fraction of syngas increased up to 0.38 for hydrogen and
0.17 for carbon monoxide. Hydrogen had a slow decrease at the outlet, likely due to the
RWSG reaction. Water and carbon dioxide decreased down to 0.34 and 0.11, respectively.
Methane had a steep decrease, almost to depletion. It is important to note that oxygen had
trace composition along the catalytic bed, as a result of its fast reaction with methane.
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6.1.4 Membrane Reactor and Coke Production

The previous analysis of the membrane reactor used an initial state that was free of coke
deposition, independently of how the oxygen was distributed. As a consequence, the car-
bon dioxide conversion was negative, i. e., TRM produced CO2, instead of consuming it.
The following analysis explores other initial states, verifying the coke production and the
conversion of CO2.
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Source: The author’s.

In Figure 29, note the results for initial states with water feed below 100%. The conversion
of carbon dioxide is positive and the other indicators vary according to oxygen feed. Now, to
obtain substantial yield and no coke in the reactor, the operational red asterisk was chosen.
Apparently, if the membrane reactor is fed in these conditions, the performance indicators
shown in red asterisk are obtained, as indicated by the previous sections (the reactor follows
the equilibrium). However, recall from the discussion in section 6.1.1 that the membrane
reactor presents a convergence behavior: it "seeks"’ other equilibrium states during addition,
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displacing equilibrium until it converges to the expected state. Applying the conditions of
the red asterisk, coke may be produced if the partition is substantial because the low oxygen
levels at the beginning displace red asterisk to the coke regions, for example, to the blue
asterisk. Therefore, although the operation does not indicate overall coke production, in
the membrane reactor it may occur, turning operation unsuitable to industry.

A trade-o� appears between hot spot mitigation, coke deposition, and carbon dioxide
conversion. They cannot be satis�ed simultaneously. If a positive conversion is desired, water
feed should be below 100%. At those conditions, oxygen higher than 45% is necessary for
great yields and to avoid coke. However, large oxygen feed produces a hot spot in the catalytic
bed. Then, a membrane reactor distributes oxygen but it forms solid carbon deactivating the
catalyst. Therefore, the membrane reactor seems to be unsuitable to carry TRM, aiming for
carbon dioxide conversion. Literature suggested that the membrane reactor is an alternative
to carry out TRM but when coke and conversion of carbon dioxide are concerned, the
results indicate the opposite.

6.2 AUTOTHERMAL REACTOR

As discussed in the reaction equilibrium section, adiabatic TRM demands large oxygen
concentration to obtain high yields per pass, requiring a special reactor to manage the
temperature. The �rst con�guration proposed was the membrane reactor, which had the
purpose of partitioning oxygen in the feed. Another con�guration is the autothermal reactor,
which has an especial refractory chamber to stand against high temperature caused by the
methane oxidation. Cho et al.(56) proposed this con�guration to carry TRM reactions,
producing syngas for a DME plant. However, the performance still has not been compared
to other con�gurations or studied for di�erent syngas ratios.

For this reason, this section studies the main features of an autothermal reactor for TRM,
using a �rst-principle approach (section 4.3.2). Two cases were analyzed, TRM producing
syngas ratio of 2.0 (case 1) and 1.0 (case 2), which correspond to the demanded ratios for
methanol/Fischer-Tropsch and DME processes, respectively. The feed conditions were
determined by the maximization of carbon dioxide conversion, as described in the mod-
eling chapter. A comparison of the combustion section model with literature is shown
in Appendix A. The last part of the section analyses the e�ect of pressure on the reactor
performance.

6.2.1 Reactor Performance

Autothermal con�guration presented di�erent trends when producing syngas ratio of
2.0 and 1.0, as shown in Tables 10 and 11. To produce the syngas ratio above 2.0, CO2
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conversion is lower or negative and the opposite trend is found for the syngas ratio of 1.0.
The syngas yield and selectivity were similar, ca. 65% and 73%, respectively. The performance
shifted from the expected equilibrium states, with methane conversion higher and the water
conversion lower than expected. It stems from the combustion section where the equilibrium
does not follow the model used in this work (it has more chemical species and reactions).

Table 10 – Performance of the autothermal con�guration for case 01 (syngas ratio of 2.0). Feed at
CH4: CO2: H2O: O2 = 1: 0.5: 1.17: 0.45, 700°C and 25 bar.

metrics equilibrium overall combustion catalytic
XCH4 0.86 0.88 0.59 0.69
XCO2 -0.03 -0.02 0.08 -0.10
XH2O 0.02 -0.06 -0.33 0.21
Ysyngas 0.64 0.63 0.34 0.70
Ssyngas 0.74 0.72 0.57 1.00
H2:CO 2.00 2.00 1.30 2.00
Tout (°C) 872 873 1,226 873

Table 11 – Performance of the autothermal con�guration for case 02 (syngas ratio of 1.0). Feed at
CH4: CO2: H2O: O2 = 1: 1.50: 0.82: 0.54, 700°C and 25 bar.

metrics equilibrium overall combustion catalytic
XCH4 0.95 0.96 0.68 0.88
XCO2 0.27 0.25 0.22 0.25
XH2O -0.65 -0.69 -0.96 0.14
Ysyngas 0.68 0.65 0.37 0.89
Ssyngas 0.72 0.68 0.54 1.00
H2:CO 1.00 0.55 0.55 1.00
Tout (°C) 889 898 1203 898

The two sections performed di�erently. In the combustion section, total and partial oxida-
tion prevailed, increasing the temperature. Since DMR is more reactive at high temperatures,
in the refractory chamber, TRM preferentially converted CO2 instead of steam. As a result,
the combustion section produced syngas at a lower ratio, 1.3 (case 1) and 0.55 (case 2). In
addition, the combustion section was also the major converter of methane. In turn, the
catalytic bed was much more selective than the combustion chamber, and also preferentially
converting water. Additionally, it was much more productive: in case 1, it yielded 70%
against 34% of the combustion section; in case 2, yielded 89% against 37%. However, both
sections are complementary to each other, the combustion section rises the temperature
whereas, in the catalytic section, TRM reacts more selectively. Note that, only in the com-
bustion chamber, the TRM converted carbon dioxide in both cases, even when the overall
conversion was negative.
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Figure 30 – Pro�les of the autothermal reactor producing syngas ratio of 2.0 (case 1).

Source: The author’s.

The axial pro�les of molar composition and metrics are shown in Figures 31 and 30, for
case 1 and 2, respectively. The combustion section, simulated as an ignition problem, had
a sharp pro�le before 5% of the reactor length followed by a smooth curve. Initially, the
radical species were formed and, then, the extremely fast oxidation reactions took place at
the ignition3. The ensuing reactions were much slower, yielding a smooth composition
pro�le. At the ignition, methane and carbon dioxide were consumed while water, syngas,
and light-saturated hydrocarbons were produced. This indicates that dry reforming reaction,
which converts methane and carbon dioxide, is boosted by the heat from the quick oxidation
reactions. It explains why in both cases there is carbon dioxide consumption, even though
the overall conversion might be negative.

Note that the ignition temperature of 1400 °C is close to the values obtained in the packed
bed without oxygen partition, suggesting that, in the catalyst, ignition also occurs. Since
homogeneous TRM is less selective to syngas, as depicted by the yield and selectivity curves,
it is disadvantageous to prolong residence time. It is important to note that light-saturated
hydrocarbons, acetylene as the most expressive, were also produced at ignition, but con-
3 Simulations in other conditions revealed that the ignition time is very sensitive to initial temperature and

hydrogen concentration
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verted afterward by the homogeneous reforming reactions. The catalytic section received
the exhausted gases at a temperature of ca. 1200 °C, as usually occurs in industrial autother-
mal reformers. In the presence of the catalyst, the reforming reactions were much faster,
converting the methane selectively to syngas and also reducing the temperature.
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Figure 31 – Pro�les of the autothermal reactor producing syngas ratio of 1.0 (case 2).

Source: The author’s.

6.2.2 Pressure Effect

Although the increase of pressure reduces performance, it is advantageous, from the indus-
trial point of view, to increase the gas density in order to reduce cost with equipment. In this
sense, Figure 32 shows some performance indicators for TRM as a function of the pressure.

As pressure grows, methane conversion, syngas yield ratio, and syngas decrease. Methane
conversion decreases from almost 1 to 0.9 and yield declines from 0.78 to 0.60, increasing
the pressure from 1 to 40 bar. Conversely, the syngas ratio experiences an increase in CO
production, reducing from 2.4 to 1.92. However, carbon dioxide conversion is the only
indicator to bene�t from pressure, increasing from -0.2 to almost 0. When pressure rises,
in adiabatic operation two opposing forces act in TRM performance, one to reduce and
another to improve performance. As mentioned previously, pressure hinders reforming
reactions because they expand the reactive gas, but temperature improves them because they
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Figure 32 – Performance of adiabatic TRM on equilibrium as a function of pressure at feed compo-
sition of CH4: CO2: H2O: O2 = 1: 0.5: 1.167: 0.1. and 700 °C.

Source: The author’s.

are endothermic. Therefore, since temperature also increases with the pressure in adiabatic
conditions, carbon dioxide conversion also increases, consequently, falling the syngas ratio.
These opposite trends explain why yield and methane conversion are less sensitive to pressure
than in non-adiabatic conditions.

Table 12 – Pressure e�ect in ATR. The molar �ow of syngas and residence time are relative to opera-
tion at 25 bar.

P (bar) Frelsyngas τ rel Tequil (°C) Ysyngas XCO2 XCH4 Ssyngas

25 1.00 1.00 872 0.64 -0.03 0.86 0.74
30 1.17 1.18 884 0.63 -0.02 0.85 0.74
35 1.36 1.31 893 0.62 -0.01 0.85 0.73
40 1.53 1.47 902 0.61 0.00 0.84 0.73

Since performance is slightly a�ected in the range of 25 and 40 bar, it may be advantageous
to operate adiabatic TRM in high pressures. Table 32 shows the e�ect of pressure in the
autothermal model, relatively to an operation at 25 bar ( restricted to a constant volumetric
�ow). The advantage of high pressure is that gas becomes denser, then more NG is processed.
In the autothermal model, elevating pressure to 40 bar increases production volume by 53%,
whereas yield diminishes slightly, less than 5%. The results strongly suggest that it is better
to operate the adiabatic TRM at higher pressures, similarly to the conventional autothermal
reformers.
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6.3 HEATED REACTOR

Chapter 5 showed that TRM at non-adiabatic conditions outperforms the adiabatic opera-
tion. However, there is no report of simulations of heated reactors in the scienti�c literature
for TRM. Song(55), for example, initially suggested a non-adiabatic operation of TRM,
similar to conventional steam reformers, but the reactor was not simulated. In this scenario,
the present section aims to provide information about non-adiabatic conditions, resembling
the con�guration of steam methane reformers. Two cases were analyzed at syngas ratio of
2.0 (case 1) and syngas ratio of 1.0 (case 2).

6.3.1 Reactor Performance

As shown in Table 13, the heated reactor substantially converted carbon dioxide, also pro-
ducing a large amount of syngas. The carbon dioxide conversions were 40 and 52% and
syngas yields were 74 % and 83% for cases 1 and 2, respectively. However, when the carbon
dioxide produced in the furnace side was included, the total conversion severally dropped,
particularly in case 1. The conversion decreased from 40% to - 40%, in case 1, and 52% to 17%,
in case 2. The water conversion was 33% and -12% in case 1 and 2, respectively, as expected
by the higher and lower syngas ratio produced. To produce a lower syngas ratio, more heat
was necessary, 228.3 kW to 294.4 kW from case 1 to case 2, due to the prevalence of DMR
which is more endothermic. The reactor followed the calculated equilibrium states, slightly
outperforming.

Table 13 – Heated reactor performance metrics for case 1 and 2.

Metrics
Case 1 Case 2

equilibrium reactor equilibrium reactor
XCH4 0.78 0.78 0.87 0.88
XCO2 0.39 0.40 0.51 0.52
XCO2

total -0.43 -0.42 0.16 0.17
XH2O 0.33 0.33 -0.12 -0.12
Ysyngas 0.73 0.74 0.82 0.83
Ssyngas 0.94 0.94 0.94 0.95
H2:CO 2.0 2.0 1.0 1.0
Q (kW) 228.3 294.4

6.3.2 Pressure Effect

Unlike the adiabatic operation, the performance of the non-adiabatic reaction strongly
declined, as shown in Figure 34. This e�ect was more pronounced at 800 °C than in 900 °C.
Yield fell from ca. 0.90 to 0.4 at 800 °C and to 0.6 at 900 °C, when pressure was elevated up
to 40 bar. Additionally, carbon dioxide conversion also decreased, unlike adiabatic operation,
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Figure 33 – Pro�les of molar composition and performance metrics of the heated reactor for the
two cases simulated.

Source: The author’s.

from 0.5 to 0.30. Syngas ratio and selectivity were less a�ected, particularly at 900°C. The
di�erence between heated and adiabatic regarding pressure stems from the fact that, in
adiabatic conditions, temperature also increases, compensating the less e�ciency due to
pressure increase.

In this sense, reducing the pressure may be an alternative to non-adiabatic conditions. Table
14 shows the relative volume of production and the residence time to 25 bar operation. The
heated con�guration at 10 bar produces half of the syngas volume at 25 bar. However, the
residence time drops by one third, suggesting that an increase of reactor volume caused by a
low density of the gas can be compensated by a faster reaction. Moreover, the syngas yield
grows to 0.88 and methane conversion to 0.93. Carbon dioxide conversion inside the tubes
increases to 0.47 but the total conversion in the reformer decreases proportionally.

6.4 COMPARISON OF HR AND ATR

Figures 35 and 36 compare the autothermal and heated reactors, concerning cases 1 and 2,
respectively. The performance of the heated reactor was superior to autothermal in both
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Figure 34 – TRM performance on equilibrium as a function of pressure at feed composition of
CH4: CO2: H2O: O2 = 1: 0.5: 1.16: 0.1. and 700 °C.

Source: The author’s.

Table 14 – Pressure e�ect in HR. Molar �ow of syngas and residence time are relative to the operation
at 25 bar.

P (bar) Frelsyngas τ rel Ysyngas XCO2 Xtot
CO2 XCH4

10 0.47 0.34 0.88 0.47 -0.52 0.93
15 0.67 0.62 0.82 0.44 -0.49 0.87
20 0.84 0.84 0.77 0.41 -0.46 0.82
25 1.00 1.00 0.73 0.39 -0.44 0.78

cases. It showed greater yield, selectivity and carbon dioxide conversion. Only the methane
conversion was inferior to autothermal con�guration.

In the case of syngas ratio of 2.0, HR outperformed ATR by ca. 10% in methane conversion
and syngas yield. The selectivity in ATR was inferior to 22%, comparing to HR. The
remarkable di�erence was in carbon dioxide conversion, 42%. The performance of the
HR was much superior, consequently, the HR should be the technically preferred for
syngas around 2.0. However, when the total conversion in HR is considered, the opposite
occurs. While the carbon dioxide conversion of the process gas is 40%, the overall conversion
including the furnace side is -42%. Therefore, if the overall abatement of carbon dioxide is
aimed, ATR should be the choice, instead.

In the case of syngas ratio 1.0, HR also performs better than ATR. HR is 18% better in
syngas yield, 27% in selectivity but worse 8% in methane conversion. HR still has a better
carbon dioxide conversion than ATR, more than the double. When overall performance
is considered, it is 8% less than the ATR. Again, HR performs better than ATR. The best
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Figure 35 – Performance comparison between autothermal and heated reactor for case 1 (syngas
ratio of 2.0).

Source: The author’s.

performance of both reactors is at the syngas ratio 1.0. However, note that the proportion
of CO2 in the feed is 1.5 in relation to methane. This proportion can only be achieved in
feed with recycles or from another concentrated stream from the process. Although the
conversion is much higher than case 1, the remainder of carbon dioxide in the output stream
is substantial.

6.5 SUMMARY OF REACTORS

The tri-reforming of methane is a suitable combination of reactions to convert methane and
carbon dioxide into syngas. It can be operated in adiabatic or heated conditions. Many types
of reactors were simulated in literature, most of them at adiabatic conditions and as packed
bed con�guration. The packed-bed reactor was incapable to prevent hot spots. Also, very
few of the scienti�c papers concerned with carbon dioxide conversion. The adiabatic TRM
challenges the reactor design due to the combination of fast and exothermic reaction with
endothermic reforming reactions. To avoid hot spots, a membrane reactor was proposed,
distributing oxygen slowly in the reactive mixture. The simulations presented in this chapter
showed that the membrane reactor is e�cient in preventing hot spots. Partitions higher
than 60% were able to mitigate hot peaks in the catalytic bed. Otherwise, a temperature of
the order of 1400 °C would damage the catalyst and tube materials. A special tuning should
be done in the membrane permeability, to avoid over injection of oxygen, particularly at
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Figure 36 – Comparison of performance between autothermal and heated reactor for case 2 (syngas
ratio of 1.0).

Source: The author’s.

the �nal of the reactor where methane is in low concentrations. When investigating the
behavior of membrane reactors, two important conclusions were addressed. The addition
membranes have a convergent behavior: (i) it displaces equilibrium while addition occurs
and (ii) after the addition, it converges to the expected equilibrium state. On one hand,
the overall performance may be predicted by equilibrium simulations; on the other hand,
during addition, it is di�cult to predict to which equilibrium state the reaction is going.
Therefore, the simulated results con�rmed the overall performance despite oxygen partition.
Concerning the displacement of equilibrium, the simulated data revealed a trade-o� among
hot spots, coke and carbon dioxide conversion. If the conversion of carbon dioxide is desired,
it is necessary to lower the concentration of water. When the large oxygen feed is distributed
to avoid hot spot, coke is produced in the catalytic bed. Therefore, membrane reactors seem
to be unsuitable for industrial applications.

Two other con�gurations were studied to deploy the TRM reactions, autothermal (ATR)
and heated reactor (HR). Those two types were less discussed in the literature of TRM. The
autothermal consisted of a reactor divided between a refractory chamber and a catalytic bed,
similar to industrial autothermal reformers. The heated reactor con�guration comprised a
tubular packed-bed heated by a furnace, similar to steam reformers. The advantage of the
ATR is that it prevents damage in the catalyst bed concentrating the exothermic reactions
at the refractory chamber. There, the homogeneous reactions take place, elevating the



Chapter 6. Reactors 80

temperature for the reforming reactions of the catalytic section. The results showed that
the homogeneous section is much less selective and yields less syngas than the catalytic
section. Due to the extreme temperatures reached, carbon dioxide was converted in the
refractory chamber, despite negative overall conversions (case 01). Although reforming
reactions are volume expansive, adiabatic TRM is much less sensitive to pressure. It stems
from the fact that when pressure is increased, adiabatic temperature also grows; as a result,
the temperature balances the negative e�ect caused by pressure. Therefore, it was shown
that, for pressures of 30 and 40 bar, the autothermal reactor uses a larger volume of NG
without losing performance. From the results of oxygen partition, it was suggested that
oxygen feed around 20% in relation to methane was su�cient to provoke hot peaks in the
catalytic bed. Therefore, the advantage of oxygen in reducing the energy demand compared
to steam or bi-reforming may not be much explored in a conventional tubular packed-bed
reactor. Conversely, HR performed much better than ATR, in terms of selectivity and
yield. However, while the carbon dioxide conversion was ca. 40% in the catalytic bed, the
overall conversion, including the furnace emission, was around -40%. Comparing both
con�gurations, the HR was superior in both cases, producing syngas ratio of 2.0 or 1.0.
Particularly, ATR did not perform very well at syngas of 2.0, with negative values of CO2.
It may be concluded that if TRM provides syngas for Methanol and Fischer-Tropsch, HR
is more suitable and if syngas is used for DME or for higher alcohols both reactors can be
used.
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7 CONCLUSIONS

Tri-reforming of methane is a suitable reaction to produce syngas for GTL plants, using NG
rich in carbon dioxide. When compared to DMR and BRM, it has the advantages of CO2

conversion, coke prevention, and energy saving. In addition, it can also operate in adiabatic
conditions, reducing the reactor size. Therefore, TRM can be used in natural gas resources
such as biomethane and the Brazilian NG. Particularly in the Brazilian case, TRM could
foster pro�tability of associated NG �elds, reducing waste and re-injections, converting
also the carbon dioxide present in the gas (between 8 and 18%, and sometimes up to 79% in
volume).

The Review section showed that TRM is still a recent technology, without a mature indus-
trial application, but with active research in the �elds of catalysts, reactors and industrial
processes. Regarding reaction equilibrium data, the scienti�c literature showed that TRM
has good performance, with conversions and yield generally above 80%. Nevertheless, it eval-
uated the equilibrium at isothermal and atmospheric conditions. Syngas units, for example,
apply pressures above 20 bar, at which the performance proved to be reduced. Moreover, the
equilibrium literature has not considered adiabatic conditions. The studied reactors were
mostly adiabatic and �xed-bed, which revealed dangerous hot spots. Other con�gurations
were simulated but the literature still was not concerned about carbon dioxide conversion
and coke deposition. In the midst of this background, the present work investigated the
thermodynamics of TRM at 25 bar, included adiabatic conditions, and simulated three
con�gurations of reactors, membrane, autothermal and heated reactors.

The equilibrium data showed that adiabatic TRM is intrinsically dependent on oxygen.
Reasonable performance demands oxygen concentration greater than 45% to attain high
yield, methane conversion, and prevention of coke deposition. The adiabatic operation has
a trade-o� between the syngas ratio and carbon dioxide conversion. For example, to produce
syngas at a ratio of 2, the carbon dioxide conversion is negligible or negative (production
instead of conversion). In order to convert carbon dioxide, TRM will produce syngas at
lower ratios (around 1.5), instead.

At isothermal conditions, the equilibrium results showed that TRM has a better perfor-
mance. TRM is very sensitive to the heat �ux when the temperature is above 900 °C. It
means that oscillations in the heat �ux may drive the reaction to temperatures over 1000
°C, which is a risk for the tubular reactor. Carbon dioxide conversion was much greater
than adiabatic, attaining values around 40 and 50%, and still producing syngas at a ratio
of 2. Unlike adiabatic, there is no trade-o� between the syngas ratio and carbon dioxide
conversion.
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As demonstrated, adiabatic reaction demands a large concentration of oxygen, around 45%
to be suitable industrially. However, this amount challenges the reactor design, producing
a hot peak in the conventional packed-bed reactor. Therefore, a membrane reactor was
explored as an alternative to control the sharp temperature pro�le by slowly distributing
oxygen. As discussed in the review section, the dense membranes, despite its perfect se-
lectivity towards oxygen, still does not show stability and higher �ux required by TRM.
Porous membrane, instead, provided higher �uxes at the expense of selectivity. The devel-
oped model of the membrane reactor provided information about the in�uence of oxygen
partition and permeation �ux in TRM performance. Partitioning oxygen in the reactor
proved to be a useful way to prevent hot peaks in the catalytic bed. It was indicated that
concentrations of oxygen below 20% in the feed were su�cient to avoid hot spots. The
simulations warned against an overoxidation in the outlet region due to an over-injection of
oxygen, consuming hydrogen, instead of methane. As a consequence, a suitable tunning
in the membrane permeation is necessary. Nevertheless, the thermodynamic study of the
oxygen partition indicated that the membrane reactor is inappropriate to carry out adiabatic
TRM. It showed a clear trade-o� among carbon dioxide conversion, prevention of hot spot
and coke formation; conditions that cannot be satis�ed simultaneously.

Conversely, autothermal reactor can handle the fast and exothermic reactions within the
refractory chamber, preventing dangerous temperatures in the catalytic bed and also coke
formation. However, as already concluded in the equilibrium analysis, when the heat is
provided outside the reaction, the performance of TRM is much superior. Thus, the com-
parison between the ATR and HR con�gurations showed that the HR outperformed.
However, considering total carbon dioxide production, including the furnace emission, the
CO2 conversion was lower. For example, to produce a syngas ratio of 2.0, the HR converted
40% of the carbon dioxide whereas ATR, -2%. Regarding the pressure e�ect, the two reactors
presented opposite trends. Adiabatic TRM is much less a�ected by the increase of pressure;
consequently, raising to 30 or 40 bar would enhance the production volume at the expense
of slightly inferior performance. Contrary, HR is very sensitive to pressure variation and,
thus, a reduction in pressure should be considered to enhance performance.

In conclusion, TRM showed to be a suitable way to convert NG with CO2. However, the
performance at atmospheric pressure presented in the literature proved to be too optimistic
concerning carbon dioxide conversion. Despite this fact, conversion of around 40% was
attainable at industrial pressure reactors. Membrane reactor seems to be inadequate industri-
ally. ATR is a suitable con�guration to carry out adiabatic TRM, it is particularly adequate
to lower the syngas ratio. HR has the best performance, concerning yield, selectivity, and
carbon dioxide conversion which may be improved with proper heat integration in the
process.
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7.1 SUGGESTIONS

TRM still needs a comprehensive kinetic model, comprising the main reactions, SMR,
DMR, and CCM simultaneously. This study explored three types of reactors, yet, many
more reactors can be proposed to deploy tri-reforming. Moreover, it would be useful for a
cost analysis in the syngas process, covering the cost of compressors, tube materials, utility
and so on. In addition, more precise models would catch the especial features of the reactor,
revealing localized hot spots or coke deposition, for example.
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APPENDIX A – COMPARISON OF MODEL
AND LITERATURE

A.1 REACTION EQUILIBRIUM

The results of the thermodynamic equilibrium model were compared to literature data
from 4 and 1, shown in Table 15 and Figure 37. The data of this work was indistinguishable
from Zhang et al. and it approached the results of Song and Pan with di�erences below 3%.

Table 15 – Comparison of thermodynamic results of this (a) present work with (b) Song and Pan(4).
Isothermal equilibrium at 850 °C and 1 atm.

Inlet Composition XCH4 XCO2 XH2O H2:CO

CH4:CO2:H2O:O2 (a) (b) (a) (b) (a) (b) (a) (b)
1:0.475:0.475:0.1 98.00% 97.90% 87.20% 87.00% 76.90% 77.00% 1.67 1.67
1:0.45:0.45:0.2 99.00% 99.00% 75.50% 75.20% 55.70% 56.00% 1.68 1.69
1:0.375:0.375:0.5 99.80% 99.80% 29.30% 28.40% -29.90% -29.00% 1.7 1.71
1:1:1:0.1 99.80% 99.80% 53.60% 53.10% 26.20% 26.70% 1.47 1.48

Source: Own authorship and Song and Pan(4).
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Figure 37 – Comparison of present model with data from (1).CH4: CO2: H2O: O2 = 1: 0.475: 0.475:
0.1

Source: Own authorship and Zhang et al.(1).

A.2 GRID ANALYSIS OF THE MEMBRANE REACTOR

MODEL

Since the membrane reactor model was discretized, it is important to monitor the in�u-
ence of the number of nodes in the results obtained. For this purpose, two variables were
monitored in each section, temperature and methane molar �ow. The relative di�erence
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to the results from 300 nodes are shown in Figure 38. The case of comparison was for a
80% oxygen partition, feed temperature of 700 °C at 25 bar and composition of CH4: CO2:
H2O: O2 = 1: 0.5: 1.75: 0.45 (and 1e-3 of H2). The di�erence among di�erent drops as the
number of nodes increases and they were less than 3%.
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Figure 38 – Grid analysis for the membrane reactor model. The temperature and methane mole �ow
were monitored at 0.5 m (int) and 6 m (�nal) of reactor length.

Source: Own authorship.

A.3 COMBUSTION SECTION OF ATR

The results obtained by the homogeneous section of the autothermal model were compared
to the results from Cho et al.(56). The present model followed closely the results showed by
Cho et al. with maximum relative di�erence of 6%.

Table 16 – Literature comparison of outlet stream of a combustion section of an autothermal reactor
for TRM. Feed is composed of CH4: CO2: H2O: O2 = 1: 1.08: 1.08: 0.644

This work Cho Relative di�erence
CH4 (mol/s) 2.12 2.20 0.04
H2 (mol/s) 5.90 6.30 0.06
CO (mol/s) 7.44 7.70 0.03
H2: CO – 0.79 0.82 0.04
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